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ABSTRACT

ASPECTS OF THE DESIGN AND CONTROL
OF FIXED BED CATALYTIC REACTORS
by

Jeffrey L. Silverstein

Adviser: Professor Reuel Shinnar

The study of catalytic reactions in micro reactors for purposes of
scale-up is often hampered by the fact that backmixing and mass transfer
effects are more pronounced than in large industrial reactors. A minimum
reactor size is often needed for reliable scale-up. Section I of this
dissertation describes some simplified design methods to compute it., It
is shown that reasonable estimates for the minimum size can be obtained
by computing the variance of the contact time distribution in the
catalyst phase. The way in which the variance is related to the con-
version and the selectivity in the reactor is described and the rela-
tionship between the variance and the design parameters of the reactor
is discussed.

The design and control strategies for catalytic fixed bed reactors
with external heat feedback are often difficult to develop because of
the complex nature of the system behavior and that of its component

units. Section II of this dissertation shows how much a system, with




iid

inherent positive feedback, can be analyzed by generating the frequency
responses of its component units separately,.and then matching and suit-
ably altering them to obtain a desired frequency response and stability
margin for the entire system.

Two practical examples are offered to illustrate the technique and
to show how alterations in the basic system design can sometimes simplify
the control problem. The economic penalties of these alterations are
discussed qualitatively and it is indicated that a compromise is often
required between increased costs, improved steady state operation and
easier control.

The nonlinear behavior of the reactor 1s also discussed. A simple
method of nonlinear analysis is described which involves a series of
computer simulations to generate the nonlinear frequency responses. The
nonlinear behavior of the control loops are discussed in terms of their
saturation limits when large disturbances are involved. It is shown how
a simple alteration in the basic control strategy can significantly

extend the range of control.
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SECTION I - DESIGN OF FIXED BED CATALYTIC MICROREACTORS




INTRODUCTION

Due to increasing costs of large scale pilot plants and the delay
involved in starting up the industrial plant while data is being taken,
the need for fast, reliable and economical means of data gathering is
taking on greater importance. Pigford (1972) recently expressed his
concern regarding this problem and indicated that use of micro-scale
equipment with scale-up .factors of one million or more might offer a
solution., Micro-equipment offers advantages over conventional pilot
plant equipment because it is economical and fast and easy to construct.

This paper deals with the design of fixed bed catalytic micro-
reactors. Several investigators (Mears, 1971; Bischoff, 1969; Edwards
and Richardson, 1968; Aris and Amundson, 1957; McHenry and Wilhelm,
1967; Wehner and Wilhelm, 1956) have already dealt with some specific
aspects of the problem--the effects of molecular and turbulent diffusion.
However, there are other factors such as mass transfer to the catalyst
particles and intraparticle transport processes which also affect the
operation of small reactors. The result of these four effects on the
reactor is to cause it to deviate from plug flow. Deviations from plug
flow will reduce the conversion and affect the selectivity of the
reactor giving unreliable estimates for the performance of the industrial
reactor. It is well known that these effects can be diminished by
increasing the length of the reactor or by decreasing the catalyst

particle size.



It is recognized that plug flow conditions do not insure reliable
kinetic results. It is just as important that the reactor be isothermal,
because nonisothermal effects are often more important than mixing and
diffusional effects in affecting kinetics. However, it 1s much easiler
to experimentally determine 1f the reactor is isothermal than it is to
measure mixing effects. Thus, there is a justification for treating the
case of mixing separately.

Often the different transport processes are treated separately, but
really they have a cumu;ative effect on plug flow and, as we will show,
they can be evaluated by a single criterion--the variance of the contact
time distribution. Although this thesis was done specifically for the
design of micro-reactors, the results are independent of reactor size.
In this sense the study might also be useful for designing industrial

packed bed reactors.

THEORY

General Reactor Model

This approach is based on the concept of the contact time distribu-
tion in the catalyst phase. Measurement of it has been discussed by
Glasser, et.al. (1973), and its application to catalytic reactors has
been discussed by several authors (Levenspiel and Kunii, 1969; Krambeck,
et.al., 1969; Orcutt, et.al., 1962). The many questions that arose
regarding the latest article (Glasser, et.al., 1973) indicate that a

clarification of this concept might be in order.



In a homogeneous reactor we can clearly define a residence time
distribution and show that it completely describes any first order
kinetics., In a catalytic reactor, however, the definition i1s more
difficult. For a first order reaction it is not sufficient to know how
long a molecule has resided in the total system. Only the time spent
near a reactive site is important. We cannot define or measure this
time, just as we cannot measure local reaction rates. In this sense the
concept of a contact time distribution is fictitious in the same way as
is a reaction rate per unit volume of catalyst. These concepts involve
the implicit assumption that if we grind the catalyst particles to a
small enough size further reduction of size will not affect reaction
rates. Consequently, nonuniformities and small scale transport pro-
cesses can be ignored.

As a single molecule travels through a heterogeneous reactor it
passes in and out of several catalyst particles. It is this cumulative
sojourn time inside the particles which we define as the contact time.
The mean contact time, Tes is just the total catalyst volume divided by
the volumetric flow rate. If the contact time distribution is a delta
function, then the reactor behaves as a pure plug flow reactor with mean
resldence time To

It is the idea of a uniform reaction rate per unit volume of
catalyst that underlies the concept of the contact time distribution.
Consider an isothermal reactor filled with finely ground catalyst that
is long enough so that pure plug flow exists. Let us assume that we
have a feedstock Fhat contains a large number of compounds, Ai’ with

concentrations a; » each undergoing an irreversible first order reaction
o



with rate constant ki' The concentration of each compound at the outlet

of the reactor will be:

This relationship allows us to experimentally determine a set of k.t

ie
for the reactions. Now assume that the set of reactions occur in
another reactor with large catalyst particles and with an arbitrary
mixing pattern in the interstitial phase. The total catalyst volume

remains the same. The concentration of each compound at the outlet of

the reactor will be described by the following function:

»

1) b)) =
io
where the kiTc are those determined in the true plug flow reactor. If
there are a large number of a; and kiTc then we can consider the values
of w(kirc) as point values of a continuous function which characterizes
the reactor. We define w(krc) as the Laplace transform of the contact
time distribution. We note that w(krc) has all the properties of the
Laplace transform of a probability density function. It is a decreasing
positive function, and as ch goes to zero, w(ch) approaches unity and
its derivatives are finite.

If the simplified description of uniform catalyst behavior is
reasonable, then the contact time distribution has a clear physical
meaning. It is the sojourn time distribution of molecules inside the
catalyst phase. It should be emphasized that this physical interpreta-

tion of Y(t) is only correct to the extent that our assumptions about

the catalyst behavior are correct. However, eq. (1) is a rigorous




definition regardless of the catalyst behavior., If the inverse trans-

form operation is performed, the following is obtained.
a o =k ot
2) Il B ELRTORT:

The contact time distribution can therefore be looked upon as an opera-
tor which shows in what way the pfobability of a molecule to react in a
pure plug flow reactor is modified by mixing processes in a real
reactor.

Since systems of many independently oqcurring reactions are seldom
encountered, the problem now is to evaluate w(krc) over a wide range of
ch. Zahner (1971) and Glasser, et.al. (1973) describe a method whereby
w(krc) can be determined directly by experiment. It uses the successive
exchange of deuterium with neopentane which involves twelve consecutive
first order reactions with successively decreasing rate constants each
in proportion to the number of hydrogens on the molecule. The rate
constant of the first reaction might be designated by 12 k, then the
second rate constant would be 11 k, and so on. A concentration measure-
ment of all of the intermediate species enables one to estimate w(krc)
at each of the twelve values of the rate constants. To make this clear
let us examine the following reaction with initial concentration a, of

A and no B present.

k k
A-+"B-+"2C




The concentrations of A and B are the following:

© -k.t
a = fo ae 1 P(t)dt

k.a -k, t k.t
] 2 1
b= [ e (60 -e ) v

By definition of the Laplace transform we obtain the following:

a
2 " ¢(kl)
o
k
b 1
— = = [¥(k,) - ¥(k,)]
a, kl-k2 2 1

By knowing the rate constants, or at least theilr ratios, and measuring
the concentrations, one can progressively construct a curve of w(ktc).
The problem here, of course, is with the accuracy of the measurements,
especially for speciles at low concentration. Glasser, et.al., also
describes how measurements of the concentrations can lead to a con-
struction of the first twelve terﬁs of the Taylor Series expansion of
w(krc) using finite difference approximations of the derivatives. As
will be shown later, an analytic approximation of w(krc) can be useful
in estimating how sensitive the selectivity is to closeness to plug
flow.

A less rigorous method for determining w(ktc) would be a multiple
tracer experiment as described by Shinnar, et.al., (1972). We need to
find two tracers with identical behavior in the interstitial phase,
but one that diffuses into the particles as would a reactant and the

other that stays in the interstitial phase. Here too we can extract




¢(krc) from the experimental data as outlined in the paper. However,
finding tracers with the described properties 1s extremely difficult.
Finally, if we had an exact flow model we could compute w(krc) by

the method given in the paper by Shinnar, et.al. This is the procedure

we follow here. Of course an exact flow model is never known; we seldom

know the exact values of the diffusivities, especially those inside the
catalyst particles. However, since we are only interested in assuring
conditions close to plug flow, these limitations do not present such a
formidable obstacle, beqause useful limits on the values of the diffu-
sivities can be approximated. The advantage of this procedure over
the others is that a micro-reactor can be systematically designed to
approach plug flow as closely as desired. The computational procedure
is now described.
First we compute the Laplace transform of the residence time dis-

tribution in the inactive interstitial phase o

JIE)] = £(s)
Then we compute the Laplace transform of the conditional probability
density X(t/1):

Lx(e/01 = xs/0) = P
which is the sojourn time distribution of a particle in the intra-
particle phase B given a total residence time t in phase a. The

function p(s) depends on the particular model chosen for phase 8.



The Laplace transform of the contact time distribution is then
given by the following:
(3) ¥(s) = £( p(s) )
whereas the Laplace transform of the residence time distribution in

the total system is given by:

(4 g(s) = £( s + p(s) )

Phase a

We model phase o as.a tubular reactor with a longitudinal disper-
sion, All of the transport processes due to molecular and turbulent
diffusion are described by a single diffusivity D, for which an empirical
correlation has been developed by Edwards and Richardson (1968). This
overall diffusivity is described as a linear combination of the molecular
and turbulent diffusivities Dm and Dt respectively:

D= YDm + Dt

The coefficient y is a tortuosity factor suggested by Edwards and
Richardson to account for the tortuous nature of the passages between
the particles.

The Laplace transform of the residence time distribution in

phase a is given in any standard textbook (Kramers and Westerterp,

1963) as:
4q
(5) f(s) = -
(+q)° e - (q=1)" e

where q = (1 + 4TaS/Pe)1/2.



The other terms of the equation are defined as follows:

1 .1 ;.1 - uL_ . e =ubL . =L
Pe " Pe tPe.’ T = v_ Pe, =p_ 3 Ta=y
m t m t

where u 1s the velocity, which is assumed constant across the catalyst
bed, L is the length of the bed, Ty is the mean residence time in
phase a, Pem and Pet are Peclet numbers for molecular and turbulent

diffusion, respectively, and Pe is an overall Peclet number.

Phase B

We neglect the shape of the catalyst particles and assume that they
can be described as thin plates of thickness 2b. The transport of mass
to the particle surface i1s described by a mass transfer coefficient h,
and the internal transfer processes are described by a one dimensional
diffusion model Qith diffusion coefficient Dg, and with diffusing length
b, the catalyst volume per unit interfacial surface area. The function

p(s) for this case is given by:

& 58 tanh 5
(6) p(s) = T

1+ Eg.lse tanh ([sB

where A = hc/Aa, ¢ is the interfacial area per unit length of reactor,
Aa is the cross-sectional area of phase o, and § = bZ/DB, the Einstein
diffusion time.

By utilizing eq. (3) together with eq. (5) and eq. (6),
the following expression for the Laplace transform of the contact time

distribution is obtained:
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) bs) = - —
s 7 (q'-1) , 7 (")
(I+q")" e - (q'-1)° e
where q' is defined as:
4t
q = (l+-ﬁa—°~‘ p(s) )l/2

To obtain a measure of the spread of y(t) about the mean contact
time, and hence a measure of the deviation from plug'flow, we now com-—
pute the variance of w(g). The moments of Y(t), which are represented
by ns can be obtained by differentiation or by the less tedious method
given by Shinnar, et.al. (1972) and described in the Appendix. The

first and second moments of Y(t) are found to be:

(8a) n, = nTB = T
(8b) C e laael g2l 2_ 2, 20
Ny c Pe 2 2 n 3t
Pe Pe c

where n = Tahc/Aa is a dimensionless group representing the average
number of times a particle passes from phase o to phase R in a time

interval of length T, The term 1, = b/h. The term Te is the mean

B
contact time defined as the catalyst volume divided by the fluid volu-

metric flow rate. The preceding mathematical development gives a result

which is consistent with this, since nt,, when appropriately manipulated,

]
gives T, as defined.

The normalized variance is the following:

2
o] -Pe
v 1l e ~ 1 1 o
T 2 2 ( Pe + 2 2 + n + 3t )
c Pe Pe c
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For large values of the Peclet number (>20), the normalized variance

can be closely approximated by:

2
ag
v L o1 .1, 8
(9) T2 ettt )
c m t (o]

As each term of the variance becomes small, the contact time dis-
tribution more closely approaches that of a pure plug flow reactor.
In this paper we are only interested in cases where cwz/rcz is small
because for good design we want to approack plug flow as closely as
possible.

Since we are only interested in a reactor close to plug flow we
should be able to make use of the fact that y(t) is a simple peaked

function, which for small values of ¢ Z/TCZ is similar to the residence

v
time distribution of a series of stirred tanks. If the number of tanks
is large, this residence time distribution is close to a Guassian dis-
tribution and depends only on the variance.

This argument can be proven in a more rigorous way. In the
Appendix the following approximate expression for Y(s) is derived which

™S ——— . -
confirms the heuristic argument that Y(t) depends only on the normalized

variance when it is small.
I I
(10) v = [ 1+ 88 gg] e
(4

This approximation is good for values of ¢ 2/'rc2 < 1/10.

b
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Now let us discuss the effect on conversion of deviations from
plug flow. The unconverted fraction is giveﬁ directly from y(s) by
substituting for s the first order reaction rate constant, k. The
unconverted fraction as a function of the nondimensional rate constant

krc is the following:

| 2 2 .
(11) W(pﬁ) — [/ + (tzz‘rc) %,Z ]ech

We must be careful in utilizing this result, however, because it is

2 2 2 2
v /'rc << ch and cw /Tc << 1. If

these assumptions hold, then the percent deviation of the unconverted

derived with the assumptions that ¢

fraction, ¢(krc), from the corresponding plug flow value is given by:

(12) % deviation from plug flow unconverted fraction =
2 2
kt)* o :l
c v
100 [ 5 3
T
c

As krc and the conversion increase, the percent deviation of ¢(ch) from
e—ch increases and the performance of the reactor moves further away
from plug flow.

To determine the effect on selectivity of deviations from plug flow

we can use eq. (11) in conjunction with a method outlined by Glasser,

et.al. (1973).
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SELECTIVITY

Glasser, et.al. suggest as a useful measure of the selectivity of
an experimental reactor, the maximum amounts of material produced of

each of the intermediates in the reaction scheme:

All the reaction rates are taken as equal. The maximum quantities of
A1 cee An—l constitute an (n~1) dimensional vector. The maximum quan-

tity of A, can be obtained from:

i
] akT)) )t dVRT)
13 = ART)) R :
13) S ”;j*T‘( a ) “,‘2‘;2‘[( Uy d(k’rc)‘]

where a, 1s the concentration of species A

i and ao0 is the initial con-

i
centration of Ao.

The vector for the ideal plug flow reactor is shown in Table I
along with the values of kTC corresponding to the maximums. These
vector components have the greatest magnitude possible for any reactor
configuration. The differences between these and the respective com-
ponents of the selectivity vector for any other reactor configuration
gives a measure of the loss of selectivity, and hence a measure of the
reactor's distance from plug flow.

In Table I we present the selectivity vector for various values of
the variance as determined by using eq. (11). The following expression

for the ith selectivity vector component results from the development

given in the Appendix:
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2
i ig
(1) -1
(14) 5¢ = i e [1';!)_2']
C

Since w(ktc) depends only on the varilance, the selectivity vector, of
course, also depends only on the variance of y(t).
The percent deviation from the corresponding plug flow vector com-

ponent is simply:

(15) % deviation from plug flow = 1001

The coefficient i in this equation indicates why UwZ/Tcz must be smaller
for higher vector components to achieve the same closeness to plug flow
as for lower components. For an approach to plug flow which is within
5% for Sl’ a value of owz/'rc2 < 1/10 is required, while to satisfy the
same requirement for the fourth component a value of 0¢2/Tc2 < 1/40 is
required. This sensitivity of higher vector components gives us a
better indication of the value of the variance required to achieve a
desired closeness to plug flow. It is noted that this sensitivity with
increasing krc occurs as well for the percent deviation of the uncon-
verted fraction from the plug flow value.

We note that the locations of the vector components are the same
as for the respective components for the plug flow vector. Strictly
speaking this is not exactly true, but as shown in the Appendix, even
if a less restrictive approximation for w(krc) is used the location of

the maximums are very nearly at the same values.



15

We now have an estimate on the upper limit of the normalized
variance which insures a desired closeness to plug flow and can use this
information together with eq. (9) to find values for the design param-
eters of the reactor. Before showing how this can be done, however, let
us describe more completely each of the terms comprising the variance
of Y(t) and discuss the qualitative effects of the reactor parameters
on the selectivity.

The first two terms of the variance are well known and measure the
extent of molecular and turbulent diffusion, respectively. McHenry and
Wilhelm (1957) and Aris and Amundson (1957) found that for Re greater
than 20, Pet can be approximated as:

Pe, = 2 (9
P
Bischoff (1969) gives the following expression for 1/Pe based on work

done by Edwards and Richardson (1968):

d —
1 _p_l-0.73+ 0.45 :|
Pe L ReSc 1 + 7.3
ReSc

with the first term being 1/Pem and the second l/Pet. If this expression
is rewritten in terms of the reactor parameters L, dp, and T, the follow-
ing is obtained:

2
0.73ETcDm 0.45(1—e)dpﬁ

= —7 +

(16) 5
(1-e) L (l—a)Ldp + 7.3et D

1
Pe

where € is the bed voidage and T = L(1-¢)/ue.
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The term 1l/n = Aa/Tahc 1s a measure of the extent of mass transfer
to the catalyst particles. With the appropriate substitutions it can
be rewritten as:

b

Th
c

1.
n

and it 1s clear that it varies inversely with the mass transfer coef-
ficient h and the external surface area to volume ratio of the catalyst,
1/b. Using the following expression for h offered by Carberry (1957)

which is valid for 0.1 < Re < 1000

h = 1.15uRe M/25c™2/3

one can express 1/n in terms of the reactor parameters L, dp, and Te in
the following way:

§ 3}
e 4°e*d;
7 N7 e9(-e)E pEpf E

m

NI-

where u is the viscosity.

The term 6/31c is a modified Thiele modulus describing the extent
of intraparticle diffusion over the entire catalyst bed. It is propor-
tional to the ratio of the Einstein diffusion time to the mean contact

time of the reactor. In terms of reactor parameters it is written as:

(18) 8 - 2
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EFFECTS OF REACTOR PARAMETERS ON THE VARTANCE

By substituting eq. (16),(17), and (18) into eq. (9), we can write

the expression owzlrcz in terms of the reactor parameters as follows:
0,2 [0.73%1D  0.45(1-e)d 2 1761724 3/2 a2
N5 =2 2 T —+ e izt
c (1-¢) L (1—E)Ldp+7.3€'rcDm 6.9(1-€) 0 Dm T, L 10816%

it is assumed for convenience that the particles are spherical. However,
the methods outlined in this paper are by no means limited to a particu-
lar particle geometry.

It is noted that our equations say nothing about the diameter of
the reactor; they are written with the implicit assumption that a uniform
flow distribution exists through the catalyst bed. In reality, the
choice for a proper reactor diameter is quite constrained. At low
reactor length to diameter ratios it will be difficult to insure an even
distribution unless special precautions are taken. In addition, the
ratio of the reactor diameter to particle diameter must be reasonably
large for the relations for Pe and h to hold.

Let us now turn to an examination of eq. (19). For reactors with
small particles, molecular diffusion is the controlling effect and
awz/rc2 is essentially independent of the catalyst size and depends only
on the length of the reactor. For reactors with large particles intra-
particle diffusion is the controlling effect because it depends only on
the catalyst size and is unaffected by the reactor length. Each of the

other effects, however, can be decreased by sufficiently increasing the

reactor length., If owzlrcz is too high and the particle size has to be
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reduced accordingly, we can then determine the minimum L over the range
of contact times in which the reactor can operate such that the contribu-
tion of intraparticle diffusion 1s negligible and the desired closeness
to plug flow is achleved. If we are interested in scale-up of the
reactor the first three terms have to be made small as compared to

9/3Tc. Turbulent diffusion and mass transfer to the catalyst surface
are dependent on both catalyt size and reactor length with their effects
decreasing with increasing length or decreasing catalyst size.

We have no control over the parameters which are fixed by kinetic
considerations; but we can always compensate somewhat for any ill effects
of these parameters on plug flow by choosing a sufficiently long reactor.
At fixed conditions, eq. (19) immediately gives the minimum L required
to achieve the desired closeness to plug flow.

The only other design parameter we can sometimes choose is particle
size. In most pilot plants, this size i1s chosen to be the same as in
the actual plant. The smallest practical particle size in most indus-
trial applications is about 1/16" with some limited use at 1/32". If we
are mainly interested in achieving good kinetics and not in scale-up it
is often advisable to use a smaller particle size. At constant reactor
conditions, the minimum length decreases with decreasing particle size.
However, the effect of molecular diffusion on selectivity is independent
of particle size and gives an absolute lower bound for L.

It should be mentioned that eq. (19) does not include any rate
parameters. These are, however, contained implicitly in T, This 1s a
considerable advantage of our design approach because its arguments are

based directly on T which is much easier to measure than kinetic
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parameters, The mean contact time is often not known a priori, but due
to economic and technical considerations the range of interest is pre-

determined in most cases.,
THE EFFECT OF PRESSURE ON THE VARIANCE

A brief comment should be made about the effects of pressure on
the variance as pilot plant data are normally obtained over a wide range
of pressures. The effects of molecular diffusion and of longitudinal
dispersion are independeﬁt of pressure because at a given feed rate TcDm

is independent of pressure. The same is true for mass transfer to the

1/6D 2/3Tc1/2

catalyst particles because p o

is independent of pressure.
Finally, the modified Thiele parameter is independent of pressure 1if
DB is merely an effective diffusion coefficient. However, when the
catalyst pores are very small and Knudsen diffusion exists, then the
Thiele parameter is inversely proportional to pressure. The total
effect of pressure is in most cases quite small and for fixed inlet
composition and constant reactor temperature the minimum length is a
function only of the gravimetric feed rate and the particle size.

An additional word should be said about the dependence of reactor
length on the product of mean contact time and molecular diffusivity.
Although this product is independent of pressure it will be different
for different gases. However, the variation for nonpolar hydrocarbons
is apparently not all that wide. For example, using Lennard-Jones poten-

tials it was found that at the chosen reactor temperature the products

for butane, octane, and nonane were in the ratio of 1.85:1.18:1.
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From eq. (19) it is observed that the molecular diffusion term is
directly proportional to the product TcDm and that L is proportional to
the square root of TCDm for small particle sizes. The depeﬁdence of
reactor length on TcDm in the turbulent diffusion term is a bit more
complicated. For very large and very small values of TcDm, L is indepen-
dent of TcDm. For intermediate values, the relationship is as given in
eq. (19). The mass transfer term is inversely proportional to the 2/3
power of the product of the pressure and molecular diffusivity and the
reactor length is inversely proportional to the 4/3 power. Finally the
product TCDB will be different for different gases if Knudsen diffusion
exists. The modified Thiele parameter will then be directly proportiomnal
to the square root of the molecular weight of the gas. Large molecules

will have low values of D, and the effect of intraparticle diffusion

B

will be increased.
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EXAMPLE

We now offer an example to demonstrate our procedure for a hypo-
thetical reactor. The parameters have been chosen to provide a reason-
able idea of reactor lengths required for petroleum processes. It is
important to realize there is a basic difference between the design of
micro-reactors and industrial reactors., In micro~reactors we do not
know a priori what the mean contact time should be and would want to
evaluate the reactor over a range of values. Additionally, we often do
not know the kinetics for~the reactions involved and how sensitive they
are to deviations from plug flow. Consequently, we would want values of
the minimum reactor length as a function of space velocity and particle
size.

The basic data for the gaseous catalytic reactor are the following:

Reactor Temperature = 925°F

Reactor Pressure 8.0 psig

o 8ms feed
gms catalyst-hr

Space Velocity 0.1 < §8.V. < 10,00

Contact Time 0.001715 f-Tc < 171.5 sec

The data for the feed 1s the following:

Gravity = 24.0° APIL

MWt = 300 2%

mole

Mean average boiling point = 675°F

2
D_ = 0.0437 <
m sec
cm2
D, = 0.0111 —
B sec

Viscosity = 0.011 cp
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Catalyst Properties

Aluminum-Silicate type catalyst
Size: 50 f-dp < 3mm

External void fraction: e = 0.4

0.875 533-
cm

Bulk dry density: Py

Dry particle density: pp = 1.46 EEE
cm

Note that in addition to mean contact time, data are provided in
terms of the weight hourly space velocity (WHSV), the gravimetric feed
rate divided by the weight of the catalyst bed. This parameter is
widely used in the oil industry and is included in the example for this
reason. For the convenience of the reader, both T and WHSV appear as
parameters in the figures.

In Figures 1, 2, and 3, L is plotted versus space velocity with
particle size as a parameter and with normalized variances of 1/10,
1/50, and 1/100, respectively. In Table 2, with owzlrcz = 1/10, values
of 1/Pem, l/Pet, 1/n, and 6/31c are presented for various space veloci-
ties and for each of four particle sizes. This table is provided for
reference in the following discussion of Figure 1.

For low space velocities the minimum length is merely determined by
molecular diffusion. As the space velocity increases, each curve in
Figure 1 passes through a minimum which corresponds to the absolute
minimum length for a reactor with a given particle size. The effects
of turbulent diffusion and mass transfer to the catalyst particles do
not come into real prominence until just before the minimum, although

molecular diffusion continues to dominate. Up to the minimum, mass
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transfer effects are more important than the effects of turbulent diffu-
sion, but are still somewhat less prominent than those of molecular
diffusion. At the minimum, molecular diffusion 1s still the single
largest contribution to the variance. Just beyond the minimum, the
first three terms of eq. (19) are approximately equal with the intra-
particle diffusion term being about half this value. Only relatively
well past the minimum does the molecular diffusion term drop signifi-
cantly in value, while the other three terms are about equal., Beyond
this, l/Pet finally becomes much smaller than 9/3Tc and 1/n. With a
further increase in space velocity, 6/31c becomes dominant and finally
the case is reached where intraparticle diffusion is limiting and no
increase in reactor length can compensate for its effects. Similar
trends occur for the graphs of Figures 2 and 3.

As a result of the intraparticle diffusion contribution, there is a
definite upper bound on space velocity for a given particle size.
Stated in another way, for a given space velocity there is a maximum
catalyst size which is permissible. With a larger catalyst, the vari-
ance condition cannot be met with a reactor.of finite length. This

catalyst size can be easily calculated from the following:
[}

- 13s[% 1p 17
dP— 1.35[1,_ TCD/}]

The most difficult case to deal with in designing micro-reactors is
that of a reactor with a low space velocity, because molecular diffusion
is controlling and is independent of particle size. As a result, the
contribution of molecular diffusion determines a lower bound on the
minimum reactor length mnecessary to achieve a desired closeness to plug

flow. The bound can be easily calculated from the following:
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L= 2 [iT—-]—)"“—r
(I-€) o¢
T2

If one is interested in scale-up, large catalyst particles may be
required and as a result the effects of intraparticle diffusion can be
large. In this case, it is necessary to design the pilot plant such
that mixing processes in the interparticle phase are near plug flow. To
assure this the first three terms of eq. (19) must be small., This will
not give good kinetic results but will provide reliable scale-up. A
graph of the minimum reactor length versus space velocity for this case
is given in Figure 4 for owzlrcz = 1/50 and particle diameters of lmm
and 3mm, Removing the intraparticle diffusion term has the effect of
shifting the minimum in the curve downward and to the right. Beyond the
minimum, the reactor length increases at a much slower rate with space
velocity. The minimum reactor length asymptotically approaches a
straight line whose slope is determined by the mass transfer term.

In comparing Figures 1, 2, and 3, it is observed that the minimum
required reactor length, of course, increases with decreasing variance
and that the maximum particle size decreases with decreasing variance.
A value of 1/50 for ow?‘/'cc2 should be sufficient for most cases, though
for complex cases a value of 1/100 might be preferable. It is noted
that the length of the reactor needed for good plug flow is in most
cases considerably longer than those often used in micro-reactors. A
reactor which is 10cm in length requires even at 1/4" reactor diameter

several grams of catalyst.
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It is noted again that this example does not lead to a specific
a priorl reactor design. We do not know T a priori, nor do we know
the required upper limit of the variance of the contact time distribution.
In this sense, the design of micro-reactors is always an iterative pro-
cedure. In an effort to insure closeness to plug flow, a reactor can
always be designed which is long and utilizes finely ground catalyst. i
However, this may entail a needless ex;ense and alternatively the length
chosen may not even be great enough. The former may be true at inter-
mediate space velocities and the latter may be true at very low and very
high space velocities or if the reaction kinetics are more complex and a
high selectivity is required. .

Depending on the product desired and the process envisioned we
always begin the design of a micro-reactor with some knowledge of a
range of space velocities which is reasonable. We can also estimate an
upper bound on the molecular diffusivity and a lower bound on the
average diffusivity inside the catalyst particle, Then, fixing the
maximum permissible variance, say 0.1, and choosing a particle size,
we can use eq. (19) to determine the minimum reactor length for various
values of the space velocity over the range of interest and plot curves

similar to those given in the accompanying figures. If Lm seems too

in
large, then the particle size can be decreased provided we are not oper-
ating at very low space velocities where length is independent of dp.

An experiment can now be performed to determine the conversion and
selectivity. It should be bornme in mind, as shown in eq. (12), that

the reactor is more sensitive to deviations from plug flow when conver-

sion is high than when it is low. If selectivity might be a problem we
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would want to redesign the reactor with a lower variance. Changing the
variance by varying L or dp would provide some clues as to the importance

of closeness to plug flow for good selectivity.
SUMMARY AND DISCUSSION

An approach for the design of fixed bed catalytic micro-reactors
has been described. The method is based on the assumption that a close
approach to plug flow is necessary to assure good rate data and provide
safe scale-up. It is shown that for a catalytic reactor near plug flow,
the deviation from plug flow can be expressed in terms of the variance
of the contact time distribution. An equation defining the variance in
terms of design parameters is presented. For first order reactions we
can estimate an upper limit on the variance by evaluating the complexity
of the kinetics and calculating a selectivity vector based on a chosen
reactor model. However, this procedure is only rigorous for first order

or pseudo~first order systems with reaction rates of the following

form:
dai ) -kiai
dt 1+ %kiai

where the denominator is approximately'a function of total concentration
and only weakly dependent on conversion. Reactions of this type are
quite common in the petroleum industry. But since we are dealing with
small deviations from plug flow the method is just as good for second
order reactions. The only difference is that for purely first order

systems we can get a quantitative estimate of the permissible limit of
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the variance. For second order systems this is not true. However,
since in most cases we really don't know the exact kinetics anyway, this
distinction is more theoretical than it is practical. In most instances
we rely on some reasonable estimate based on experience as to how
closely we want to approach plug flow. This estimate will be based on
the conversion desired and on the complexity of the reactions. The
expressions for the variance and the selectivity vector are used to
guide us in obtaining a bgtter quantitative feeling for our estimates.
In this sense, the method is not restricted to first order systems.

However, it is important to note that this method applies only to
fixed bed reactors which are isothermal or have only small temperature
rises. As will be shown in Section II, the effects of small deviatioms
from isothermality on these reactors can be minimized by altering the
reactor parameters of length, catalyst particle size, and space velocity
in the same way as shown in thils section to minimize deviations from
plug flow.

Moderate temperature gradients can be diminished in size by diluting
the catalyst with an inert material, such as sand, which has a high
thermal conductivity. The diluent acts as a heat sink and also increases
the reactor length and diameter which tends to decrease the radial and
longitudinal temperature gradients. However, because the fluid velocity

drops, so does the heat transfer coefficient.
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If the temperature gradients are large, then another type of pilot
reactor must be considered which will insure isothermality. Several
isothermal reactors are used industrialliy; among these are the continuous
stirred tank reactor, stirred batch reactor, the stirred-contained solids
reactor, and the recirculating transport reactor. All of these reactors
present other difficulties which are discussed in some detail by

Weekman (1974).%

lWeekman, V.W., "Laboratory Reactors and Their Limitations, A.I.Ch.E.J.,

20,833 (1974).
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APPENDIX

The Variance of ¥(t)

Using expressions developed by Shinnar, et.al. (1972) relations for
the first and second moments of yY(t) can be obtained. These expressions

are the following:

AK

(A1) ™ 1%

2. 2
m = yu + K Ty,

where Ny W and Ki are the ith moments of p(t), £(t), ;nd o(t),
respectively,

The distribution ¢(t) is the sojourn time distribution for a single
particle trip into the catalyst phase B. As shown by Shinnar, et.al.,

its Laplace transform, ¢(s), is related to p(s) in the following way:

(A2) p(s) = A(1-¢(s))
Solving for ¢(s) one finds:

1
(A3) ¢(s) =
T ol

tanh (se)ll2

The first and second moments of ¢(t) are found by evaluating

2
:QQSEL _ and Q_Qiil _ » respectively. These are:
ds s=0 ds2 $=0
(AS) K2 = 27 2 + %‘l’ 0
. » B B
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Performing similar differentiation on £(s) gives:

(A6) Nl = 'l'a
2
2t 2
(A7) U, = ¢ Pe_ + Pe + e_Pe -1)
2 2 2
Pe
The first and second moments of y(t) are found to be:
(A8) o= HTB =T,
-Pe
- .2 2, 2 2 2, 26
(A9) m =T (l+g+=a-——S+o+37)
Pe Pe c
The normalized variance is:
o 2 -Pe
(A10) I RS e e )
Te Pe P Te

Approximation for y(kt ) and the Selectivity Vector

If Pe, n, and 31c/e are sufficiently large, it can be fairly
easily demonstrated that for constant mean contact time, Tys the con-
version of a fixed bed catalytic micro-reactor is proportional to the
dimensionless variance cwzlrcz, of the contact time distribution.

The following is the expression for the moment generating function

of £(t), the RID in the interstitial phase:

4q
(l+q)2 e-Pe/2 (1-q) _ (l-q)z e—Pe/Z (1+q)

(Al11) f(s) =

where q = (1 + lt-ro‘S/Pe)l/2
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If Pe >> 1 and is also large with respect to STa’ then q can be approxi-

mated as follows:

28+t

(A12) q x 1+ s

With this approximation for q and the approximation that

__4.9_2- o l
(I+q)

the expression for £(s) becomes:
St

(A13) £(s) = o 5T, (1 - 7 )

If the Taylor Series expansion of f(s) is made around Sra/Pe = 0, the
expression for £(s) can be approximated as:

(STa)2

S
Pe ]

(A14) f(s) = e "o [1+

In the paper by Shinmar, et.al. (1972), the following expression

for the moment generating function of y(t) is presented:

(415) ¥e) = £ LRS- e ]
o

The expression for %E (1-¢(s)) multiplied by Ty is the following:
i
a i

!

Tbe (eg? p
Tohe (- ¢(S)) _ A© (s6)° tanh (s8)
A« | + hke,(se)'z tonh (s0)F

(A16)
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)1/2

An approximation for (se)l/2 tanh (s6 for small (s@) is the

following:

1/2 1/2

(s9) tanh (s8) o s§ - Sigl_

With the substitutions that T = bCTa/Aa and b/h = Tc/n, the approxima-

tion for (Al6) becomes:

' l)T( \)
(A17) lﬁk;q_¢“» = S% Asidl
A [+ ST, ST PN
"o ST\3T,
The denominator can be approximated as 1 + src/n since (STc/n)(STCe/3Tc)
<< src/n. With this simplification and the approximation that:
ST
1 = 1-—

ST n

1+—==
n

for n >> 1 and small STc/n, equation (Al7) becomes:

w9) (-900) = sti- st ][~ 5

Upon substitution of (Al18) into (Al5), the following expression for

y(s) results:

snu Snan[:

a9 Y@ = e

][ 1" (- sT.(2- ))2]

I’e

The coefficient of the exponential can be approximated as:

21 ST -9 PO
. c < "ST C — C
I + (ST)( PeU C ?;» ~ l + Q?Z)
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and the exponential itself can be approximated as:

ST - sG] [ 3] s 2

=e 1 (+ 3]

Substituting these expressions in (A19) and substituting k for s gives

the following approximation for w(ch):

It is easy to see that in the limit as ¢ 2/rcz + 0, w(ch) > e_ch,

¥

the expression for the ideal plug flow reactor.

Selectivity Vector

The selectivity vector is determined as follows:

(A21) S = max[(— (}U/L dLV’(/U_})J
kT, ¢t dRE)

By substitution of w(krc) from (A20) and then by repeated differentiation
with respect to ch, one can determine the values of krc at which the
maximum occur. It has been found that the location of the vector com-
ponents occur exactly at the integer values kTC =1, 2, 3...n for the
1st, 2nd, 3rd...nth vector component, respectively.

Upon substitution of these krc into (A21), the following expression

for the ith vector component results:

2
i ig
(A22) s, = Bt
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It is clear that the ith vector component depends only on the
variance, 1f the variance is sufficiently small. The coefficient 1 in
the term iow2/21c2 explains why the variance must be smaller for higher
vector components to achieve the same closeness to plug flow as for
lower components.

It has been shown that for a less severe approximation of w(krc)

than (A20), say if:

then the location of the vector components are very nearly at krc =1,
2, 3...n. For example, the derivative of the first vector component

expression evaluated as ch = 1 is the following:

dkTC P\ngl— Tc?_

o2

ds, ST CJ[ <a$)?-
It depends on the square of the variance and for sufficiently small
owz/Tcz, the derivative is very nearly zero, indicating that the
maximum occurs very near ch =1, If oq}z/'rc2 = 1/10, the derivative

is only - 0.00386. Similar results can be found for higher order

vector components.
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NOMENCLATURE

reaction species

concentration of Ai

initial concentration of Ao

cross~sectional area of phase «a

catalyst volume per unit interfacial surface area
interfacial surface area per unit length of reactor
overall diffusivity

molecular diffusivity

turbulent diffusivity

intraparticle diffusion coefficient

particle diameter

residence time distribution in the interstitial phase
Laplace transform of f(t)

residence time distribution in the total system
Laplace transform of g(t)

mass transfer coefficient

reaction rate constant

length of catalyst bed

Laplace transform operator

hc/Aa

Peclet numbers for molecular, turbulent, and total
diffusion, respectively

a dimensionless term defined in equation 5
a dimensionless term defined in equation 7
Reynolds number

Laplace transform variable

ith selectivity vector component
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NOMENCLATURE (continued)

Sc Schmidt number

t time

u interstitial fluid velocity

X(t]r) conditional probability density defined in equation 2
X(s | Laplace transform of X(t)r)

Greek Symbols

Y tortuosity factor
€ bed voidage
M kth moment of contact time distribution y(t)
2
6 b~/D
/ B
K kth moment of sojourn time distribution ¢(t)
A he/A
o
u viscosity
e kth moment of soujourn time distributiom £(t)
p(s) a function of s
Py bulk dry particle density
pp dry particle density
cwz variance of contact time distribution y(t)
T mean contact time
Ty mean residence time in interstitial phase ¢
b/h
'8
(L) sojourn time distribution for a single particle trip into
catalyst phase B from Interstitial phase
$(s) Laplace transform of ¢(t)
v(t) contact time distribution

Y (s) Laplace transform of ¢(t)
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Table I
Pure Plug Flow Reactor

kt
c

Bow N

Vector for Model Discussed

2
"¢ S

2 1
%y

10 0.350
10 0.243
10 0.191
10 0.157
20 0.358
20 0.256
20 0.208
20 0.176
50 0.364
50 0.264
50 0.218
50 0.188
100 0.267
100 0.222

100 0.192

0.368
0.270
0.225
0.196

% deviation from

plug flow

5.00
10.00
15.00
20.00

2.50
5.00
7.50
10.00

'l.OO
2.00
3.00
4.00

1.00
1.50
2.00
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d WHSV

100y 0.10
1.00

5.12
10.00
41.00
100.00
325.00
1000.00
1300.00
2600.00
3900.00
5250.00
10,000.00
10,500.00

150, 0.10
1.00

5.12

10.00

41.00

1

.049987
.049920
.049700
.049481
.048326.
.046464
.040483
.026863
.021857
.007978
.002730
.000946
.000009
.000004

.049975
.049846
.049416
.048984
.046698

Table 2

.000001
.000012
. 000062
.000121
.000482
.001146
.003521
.009351
.011514
.016607
.016185
.013219
.002159
.001433

.000003
.000027
.000139
.000268
.001060

1
n

.000011
.000064
.000217
.000358
.001026
.001984
.004669
.009730
.011321
.014799
.015266
.014600
.007336
.006100

.000021
.000117
.000398
.000657
.001869

39

£
31;

0
.000004
.000021
.000040
.000166
.000405
.001327
.004050
.005308
.010616
.015819
.021232
.040496
.042463

.000001
.000009
.000047
.000091
.000373



3mm

WHSV

100.00
325.00
650.00
1000.00
1300.00
5250.00

0.10
0.25
1.00
5.12
10.00
20.00
31.00
41.00
82.00
100.00

0.10
0.25
0.64
1.00
1.25
2.56
5.12
6.25
10.00

.043032
.031680
.019500
.010819
.006063

0

.049480
.048891
.046464-
.036295
.026863
.012703
.005229
.002340
.000081
.000009

.046763
.043032
.034933
.028630
.024763
.010357
.001554
.000703
.000034

.002481

.007267
.012510
.015829
.0163900
.0b0150

.000121
.000297
.001146
.005282
.009357
.015189
.016925
.Q015853
.005718
.002159

.001036
.002481
.003864
.008590
.010266
.015974
.014777
.012223
.003981

L1
n

.003576
.008068
.012018
.014240
.015093
.002079

.000358
.000711
.001984
.006350
1009730
.013814
.015191
.015220
.011027
.007336

.001837
.003576
.006870
.009135
.010415
.014339
.015009
.014295
.009539

A

C

1

9
43 D

v,

.000911
.002986
.005971
.009112
.011943
.047771

.000040
.000101
.000405
.002073
.004050
.008294
.012655
.016587
.033174
.040496

.000364
.000911
.002333
.003645
.004556
.009330
.018661
.022779
.036446
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SECTION II - STABILIZATION OF REACTORS OPERATING AT UNSTABLE
STEADY STATES. THE EFFECT OF DESIGN ON CONTROL



INTRODUCTION

In the aerospace industry, it is quite common to integrate the
control considerations of a system with its basic design concepts.
However, this is rare in the chemical industry, where in most cases,
designs are based solely on projected steady state operating levels.
Control of the plant is seriously considered only after the basic design
is completed. Usually tpis procedure is justified since development
work 1s carried out partly to facilitate conservative steady state
designs which will not cause stability problems. So, in this sense, at
least, control considerations do play a part in determining the design.
However, it is still intriguing to consider how an integration of the
control considerations into the basic design might pay off in easier
control, better overall performance, or improved economy.

A suitable process for thils study is one which is open loop
unstable and is stabilized by a feedback control loop. Aris and Amundson
have discussed one such process in a seriles of papers (1958a, 1958b,
1959) describing the stabilization of a stirred ténk reactor involving
an exothermic reaction. It is stabilized by adjusting the amount of
heat removed by a coolant to maintain the desired reactor temperature.
In this study we have chosen the somewhat more complex process shown
schematically in Figure 1, Many exothermic industrial reactors,
particularly those used in hydroprocessing and some oxidation reactions,
utilize this configuration, with or without interstage cooling, where
the adiabatic catalytic fixed bed reactor effluent is used to preheat

the incoming fresh feed. The reactor inlet temperature might be further



adjusted by passing the feed through a furnace. Such reactors can
exhibit potential instabilities in the folloﬁing ways:

1. Multiple steady states can occur inside the catalyst phase as shown
by several investigatprs (Liu and Amundson, 1962, 1963; Eigenberger,
1972a, 1972b). If this occurs, feedback control on the entire
reactor is of no value. This behavior is usually avoided by deter-
mining stable operating levels during process development and pilot
plant work.

2. The preheating of the fresh feed by the reactor effluent provides
positive feedback of heat and allows the possible occurrence of
multiple steady states. The steady state behavior can be des-
cribed by the classical heat production curve--heat removal line
diagram of Figure 2. We are interested in the intermediate steady
state which is open loop unstable as shown by van Heerden (1953,
1958). Any small perturbation in inlet temperature, concentration
or flow rate will cause the system to drift to one of the other two
stable steady states.

3. In some cases even single steady states may be linearly unstable and
show limit cycle behavior (Reilly and Schmitz, 1966, 1967; Parega
and Reilly, 1969).

We will concentrate our discussion on the second case because of
its applicability to industrial processes. However, we will touch on
the third case as well, since the designer is often unaware of its

potential existence.




DESCRIPTION OF PROBLEM

Typically packed bed reactors with positive feedback of heat con-
sist of stages with quench zones between them., In hydroprocessing, H2
would be added between stages to limit the temperature rise in the
reactor. However, for simplicity we will first consider the system

without quench and define for it a criterion for linear stability.

Linearized Stability An;lysis

In addition to heat, in commercial processes unconverted feed is
also fed back to the reactor after having been separated from the
reactor effluent. This feedback of mass can also contribute to the
occurrence of multiple steady states, as shown by several investigators
(Luss and Amundson, 1967; Root and Schmitz, 1969, 1970). However, in
this paper we are only interested in the effects of thermal feedback on
reactor stability and will assume that the unreacted feed is first sent
to a holding tank where its temperature and concentration are made to
conform to those of the fresh feed.

Let us now write the overall transfer function for the process
relating changes in reactor outlet temperature to fresh feed temperature,
inlet concentration, and flow disturbances. All perturbations are
defined as being around the steady state value. The linearized transfer

functions for the reactor, heat exchanger, and furnace are respectively,

o 8T G0 4T - G e 89 + G 9 §c o)



T;TL

(2) (SEI(S) H (s) &T(S ;;7;(5') 6];(5)

1"

Th
-G (98¢,
et = G $T + G M0l -G o) §ues
o - (8) O 1,6 Gr_ () ¢3(&) G G QDF(s

We assume for the time being, that the furnace effluent temperature 1s
uncontrolled, so that the fuel rate is fixed and 6¢g(S) = 0., We will
also assume that the flow rates through all three units are the same,
that is ¢R = ¢p = by In a later section it will be shown that this
need not be true in all cases. If these transfer functions are now
combined we obtain the overall transfer functions for the reactor outlet

temperature as a function of disturbances in feed temperature, flow rate,

and concentration:
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The characteristic equation for all three transfer functions is:

il oh LT

7 |- G G (96 (5) = /- s = 0

For simplicity, we will drop the superscripts and use GR(S), GF(S),
and GH(S).

It is noted that this is the characteristic equation for a positive
feedback system, The positive feedback is in the form of heat and is
due to the presence of the heat exchanger. The important crossover fre-
quencies for such a system correspond to phase lags which are multiples
of -360° and not -180°. For the system to be stable, eq. (7) must not
have any positive roots. A necessary and sufficient condition for
insuring this is that the largezt value of the open loop frequency
response, |G*(jw)|, corresponding to a crossover frequency is less than

unity.
. .
) max |G Gull | <

A conservative stability criterion is one which forces |6G*(jw)| <1 at
all frequencies. This is a sufficient but not a necessary condition for
stability. However, in practice, for this type of reactor it is really
not Qery conservative as a simple argument will indicate.

Let us look at some typical forms of IGR(jm)I, IGH(jm)| and
[GF(jw)l, the amplitude ratio curves. Shown in Figure 3 are several
examples of linearized reactor frequency resbonse curves corresponding

to points on the heat production curve of Figure 2. The hash marks on



the curves indicate the frequencies at which the phase angle passes
through a 360° rotation. We note that some of these curves have peaks.
These occur because of the interaction between temperature and concen-
tration waves which pass through the reactor as described by Foss and
coworkers (1966, 1968, 1970, 1971). More will be saild about this in a
later section. We also note that by the nature of real systems these
frequency response curves must always be damped at high frequencies due
to backmixing and diffusional effects which occur. The frequency
response and phase lag curves corresponding to typical open loop furnace
and heat exchanger transfer functions are given in Figures 4(a) and 4(b)
as curves B1 and Cl' A typical frequency response curve for a reactor
is also included in Figure 4(a) for the readers' convenience. The
resulting open loop AR curve is given in Figure 4(a) as curve F. The
hash marks on the curve indicate the crossover frequencies at which the
phase response passes through a multiple of -360°. The largest AR
corresponding to a crossover frequency determines the stability of the
system. For the process considered, the largest open loop AR corre-
sponds to a point on the peak of the reactor frequency response curve.
The process 1s unstable. In practice, the normal delays in such a
reactor, heat exchanger, and furnace system together with piping delays
are such that a crossover frequency will also occur in the range where
the natural dampening processes are still minimal, Thus, the stability

condition |G*(jw)| <1 becomes the less conservative condition.

max | G* (juw) | <1



In practice this should not be much more stringent than the condition of
inequality (8).

This result is very important because it tells us the minimum amount
of informatlon necessary to insure good control and stability. It means
that highly accurate information about the forms of GR(S), GH(S), and
GF(S) and the values of the crossover frequenciles are not required.

This is fortuitous since in chemical processing this information is
seldom available.

Using Figures 2-4, a more physical interpretation can be obtained
of the stability of the system without control. In Figure 2, we show
graphically the steady state heat balance for a packed bed reactor with
a first order exothermic reactor A+B. Curve A is the heat production
curve and gives the temperature rise in the reactor as a function of
reactor inlet temperature. Line B is the heat removal line which deter-
mines how much heat is removed from the reactor effluent to preheat the
fresh feed. Strictly speaking, this line is nonlinear because the
steady state equations describing the furnace are nonlinear. However,
it can be written in the following form if it is linearized around a

point of intersection with the heat production curve.

§T-87, = (zelens )T - Glo éT

This relation applies only for a small neighborhood of the intersection

point. The corresponding linearized equation for the heat production

curve 1is:

b7,- 8T, = [Go - 14T



With no controls on the heat exchanger, furnace, or reactor, the condi-
tion that G*(0) < 1 is simply the slope condition, namely, that the
slope of the heat removal line is larger than the slope of the heat
production curve at the steady state.

If IGR(jm)| has no peak and decreases monotonically, then the
stability condition of ineq. (8) becomes the slope condition. This is
also the stability condition for a pure plug flow reactor operated
adiabatically, since its frequency response is flat. If IGR(jw)l has
a maximum, which can occur under a variety of conditions, then satisfac-
tion of the slope condition is not sufficient to insure stability. For
cases given in Figure 3, steady states below the inflection point of the
heaé production curve of Figure 2 will be stable if the slope condition
is satisfied. However, for cases with higher conversion where a peak
exists, this 1s not sufficient. As a result, if three steady states
can occur, then it is possible that the stability sequence will be
S-N-N, where § = stable and N = not stable. It is also possible to have
a single unstable steady state which will move to a stable limit cycle
with any perturbation.

Let us now discuss how a reactor with a maximum Iin its frequency
response can be stabilized. One approach is to modify GH(S) or CF(S)
so that the gain of the heat feedback loop is lowered such that
IG*(jw)I is reduced below unity. This can be achieved by increasing the
heat duty of the furnace. This reduces the required size of the heat
exchanger and decreases the amount of heat feedback to the reactor. The
effect on the respective frequency responses are given as curves B(1-3)
and C(1-3) in Figure 4(a). The effect is to increase the slope of the

heat removal line.




In practice, however, an open loop furnace will almost never be
used. Rather a control scheme will be provided to maintain the furnace
exit temperature by adjusting the fuel rate to the furnace. The open
loop furnace transfer function can simply be replaced by the closed loop
transfer function GF*(S) in eq. 7 and the preceding arguments remain
valid. A typical form of IGF*(jw)I is given as curve D in Figure 4(a).
The AR is very low at low frequencies, reaches a maximum with increasing
frequency then decreases. The occurrence of a peak is typical of
systems with feedback control. Near the resonance frequency the furnace
will have little dampening effect. For this reason, the size and loca-
tion of the reactor peak is important for controller design. The control
system should dampen the reactor AR where the peak occurs; at the same
time it must be designed so its own peak occurs at a sufficiently high
frequency where the reactor response is highly attenuated.

Large industrial furnaces are normally sluggish and the peak of
IGF*(jm)l occurs at relatively low frequencies. Consequently, it is
important to provide a temperature control loop in the system which
responds quickly and whose resonance region occurs at high frequencies.
In one possible control scheme, fresh feed is bypassed around the heat
exchanger and the bypass flow is adjusted according to fluctuations in
the furnace inlet temperature. A typical response of a closed loop heat
exchanger with bypass control is given in Figure 4 and the resulting
overall response IG*(jw)l is also given in Figure 5 along with the curve
for the case using only furnace fuel control. Bypass control improves
stability considerably, but proper utilization of such a scheme requires

consideration in the original design.
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An important result of this study is that the three elements of
G*(S) can be investigated separately and then combined later to give
|G*(jw)l. The effect of the design on the frequency response of each

element and on the control of the system can be determined systematically.

Nonlinear Stability Analysis

The reactor frequency responses considered thus far were found for
small perturbations about a steady state. However, such reactors can be
highly nonlinear due to the exponential dependence of the reaction rate
constant on temperature. Unless the nonlinearities are considered,
linear stability analysis is only of limited value. There are two types
of noulinearities which will be discussed here qualitatively. The
figures used for illustration were developed from examples which will be
discussed in more detail in a later section.

The first type of nonlinear behavior is in response to large per-
turbations in reactor inlet temperature. In Figure 6, we present a
typical outlet temperature response of a reactor to inlet temperature
disturbances varying sinusoidally with time. The reactor is the same
one for which the heat production curve of Figure 2 was generated. The
linear frequency response corresponding to the same nominal inlet tem-
perature is given in Figure 3.

The nonlinear responses are not symmetrical about the nominal
outlet temperature., The distortions are caused by the higher harmonics
which occur due to the reaction rate nonlinearity. However, the re-
sponses lack strong secondary peaks and have the same frequencies as the
input disturbances. These results make it tempting to plot nonlinear

frequency response curves, and substitute these responses for |GR(jw)|
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in the stability criterion. Sets of two nonlinear curves are plotted in
Figure 7. One is simply the average value of the maximum and minimum of
the output response divided by the input amplitude. The second is the
difference between the larger of the two output amplitudes and the old
steady state value divided by the input amplitude. Such curves for
several nominal inlet temperatures are given in Figure 7 for the range
of frequencies corresponding to |GR(jw)|max. Also shown are the corre-
sponding linear responses. For nominal inlet temperatures below the
inflection point, the nonlinear response has a larger amplitude ratio
than does the corresponding linear response. At inlet temperatures
above the inflection point the situation is reversed and the linearized
frequency response can be confidently used in designing the process.

A second type of nonlinearity is illustrated by curve A in Figure 8.
This is the heat production curve for a reactor with three consecutive
first order reactions A+B»C»D. For the heat removal line given, five
steady states are possible, with the middle three being very close
together. If the desired steady state is at point S, then the system is
linearly stable, However, a nonlinear perturbation in inlet temperature
may cause it to become unstable. If the open loop reactor is perturbed
with a sinusoidal input of large amplitude the apparent |GR(jw)| can
have much larger values than the linearized response.

There have been many approaches to nonlinear stability analysis
described in the literature (Ritter and Douglas, 1970; Denn 1975).

Most of them, apart from direct simultation, are not applicable to the
system discussed here, since they depend on more reliable information

than would normally be available. We propose a "poor man's" nonlinear



12

stability analysis which is quite simple and by simulation can be
demonstrated to be adequate. The problem can be approached in two ways.

If it is desired that the system be globally stable, then it is
necessary to determine the worst reactor frequency response, be it
linear or nonlinear. This can be done by examining all of the possible
steady states of the system and finding the one which produces the
largest IGR(jw)|max and the worst dampening characteristics. This
should be done first for the linearized frequency responses and then
the nonlinear response corresponding to the worst case should be exam-
ined. If we can stabilize the reactor having the worst frequency
response, then the system will be globally stable. This requires that
IG*(jw)| < 1, but also that the control system provides sufficient gain
margin to account for any uncertainties.

Alternatively, we can estimate the maximum perturbation we expect
and generate the corresponding nonlinear frequency response curve. This
IGR(jw)I would then be used to determine the necessary control elements
which would include a reasonable safety factor to allow for our lack of
knowledge. The amount of compensation that can be provided is limited
by the saturation level of the controller. For example, in the standard
furnace control scheme, the fuel flow has an upper limit, so for large
drops in feed temperature the desired outlet temperature may not be
physically obtainable. If temperature rises occur which exceed the
fluid steady state temperature change, even closing the valve will not
maintain the desired outlet temperature.

If the nonlinear reactor behavior is a problem, the designer has

several options. He can redesign the reactor to obtain a different
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frequency response curve with a smaller peak. This can be done by
lowering the conversion in the reactor and recycling more unreacted feed.
Alternatively, the design can be changed to limit the temperature rise
in the reactor while maintaining the desired conversion. From the
design engineer's point of view, any substantial changes in the reactor
design are worthwhile only if the selectivity and yield are improved or
if the catalyst life can be enhanced. These gains would have to be
weighed against any increased capital and operating costs which might be
incurred. Changes in the reactor design suggested by the control engi-
neer which might improve the process stability may be at odds with these
constraints. Consequently, to have a process which is efficient,
economical, and easily controlled requires compromises between the
design and control considerations.

Another option is to introduce a control element into the reactor
configuration. The reactor can be divided up into a number of catalyst
beds with controlled quench streams introduced between them to limit the
temperature rise. This changes GR(S) in the preceding equations to some
GR*(S). The designer can also increase the heat load of the furmace to
reduce the heat feedback in the system. However, this approach poses
the problem of heat disposal from the reactor effluent and significantly
increases the operating costs for fuel.

Any design involves proper balancing of steady state, control, and
economic requirements. This analysils shows that we can decouple these
considerations for each unit by looking at the effects of ;teady state
design and control on GR(S), GH*(S), and GF*(S) individually and then

match them to obtain the desired properties for G*(S).
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EFFECT OF DESIGN ON GR(S)

Since a catalytic fixed bed reactor involves complex interactions
between the heat and mass transfer mechanisms and the reaction mecha-
nism, it is very difficult to measure or compute accurately the transfer
function GR(S). For purposes of controller design, estimates are re-

quired of IGR(O)I, IGR(juDI and Yoo the cutoff frequency. We

max
arbitrarily define the cutoff frequency as being that corresponding to
IGR(juDI = 0.35, If both IGR(O)I and IGR(ju))lmax are low, then deter-
mining e is less important since the process is either stable or easy
to stabilize.

Data from Laboratory Experiments

The main non~kinetic parameters affecting the reactor behavior such
as fluid and catalyst physical properties, heat and mass transfer coef-
ficients and bed voildage can be obtained in fairly routine laboratory
experiments on bench scale or pillot plant equipment. From work which
may be more involved, a reaction mechanism and rate expressions can be
obtained. The heat production curve of reactor temperature rise vs.
inlet temperature can be obtained experimentally. The slope of this
curve at any point is related to GR(O) by

slope = GR(O) -1
From experiments of this type we can get a good feeling for the steady
state behavior of the reactor. However, to understand its dynamic
behavior and obtain estimates for IGR(jm)|max and Wes the use of dynamic

models in conjunction with pilot plant studies is helpful.
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Reactor Modeling

As shown by Crider and Foss (1966, 1968) and Sinai and Foss (1970),
an important feature of catalytic fixed bed reactor behavior is that
there are two independent waves, a concentration wave and a temperature
wave, which travel through the reactor at different velocities. The
concentration wave travels at approximately the fluild velocity while the
temperature wave travels at a slower velocity which is dependent on the
thermal properties of the fluid and the catalyst. These waves of
differing velocities are produced primarily because of the large thermal
holdup in the solid phase. These phenomena have élso been studied in
non-reactive systems by Amundson (1956) and Aris (1957).

Two simple models for adiabatic fixed bed reactors wﬁich describe’
the wave phenomenon have been proposed in the literature, that of Liu
and Amundson (1962) and that of Crider and Foss (1968). These are des-
cribed in Table 1 where the concentrations and reaction rates are given
in vector notation.

In the former model the reaction occurs in the catalyst phase and
both convective heat and mass transfer effects are included. Liu and
Amundson show that for a single irreversible first order reaction the
equations are relatively easy to solve numerically using the method of
characteristics (Acrivos, 1956). All of the nonlinear responses in
this work were found using this model.

‘ In the latter model the packing is assumed to be inert and the
first order reaction occurs in the interstitial phase. If these equa-
tions are linearized, and a single irreversible first order reaction

occurs, they can be solved analytically for the linearized reactor
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transfer functions. One of these is given in Table 1. The mathematical
development is given in the Appendix. More complex models are also
available (Liu and Amundson 1963; Eigenberger 1972a,b).

The results of the two models are similar. In Tables 2 and 3,
details are given for two examples used throughout this work. Case 1
given in Table 2 is a simple exothermic reaction A+B; Case 2 is a
. simplified version of a hydrocracker with a more complex consecutive
reaction.

Gas 0i1 -+ Jet Fuel -+ Gasoline ; Light Gases

In Figures 9 and 10, we present for case 1 typical responses to a
step change in inlet temperature and linearized frequency responses
computed from both models. Both models give very similar step responses
and for purposes of rough estimation are equivalent. Due to the wave
interaction, the reactor outlet temperature first decreases before it
increases to a new steady state. This occurs because the step increase
in feed temperature heats the catalyst near the reactor inlet which
increases the reaction rate and reduces the concentration of the fluid.
Since the thermal wave velocity is less than the fluid velocity, the
reactor outlet first experiences a decrease in reaction rate due to the
depletion of reactant upstream. Only when the thermal wave reaches the
outlet do the reéction rate and temperature start to increase. This
"wrong way' response has been verified experimentally by Foss and

coworkers (1970, 1971) and Van Doesberg and de Jung (1976a,b).
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As shown by Crider and Foss (1968) and Aris (1957), the ratio of
the thermal wave residence time, Tep? to that of the fluid residence
time, Tes depends on the densities and heat capacities of the fluid and

catalyst. The approximate relationship is

T-;:h - PPCP(I_E) + Pscs€ = (/_;_ _)__)
Te s € B

This ratio can vary from about 2 for a pure liquid reacting £luid to

about 1000 for a gaseous reacting fluid. It is the delay time of the

thermal wave, Ten? which affects the phase response of the reactor.

The first -360° crossover point will occur at approximately w = g—ﬂ-.

T
This should be a good estimate for the frequency at which IGR(juDT:ax
occurs.,

Both models give similar estimates for the size of the peak of the
frequency response and the range of frequencies over which it occurs.
These peaks are caused by the interaction of the temperature and con-
centration waves traveling at differing velocities through the reactor.
The size of the peak is related to the extent of the initial "wrong way"
response to a step input. Its existence has been verified experimentally
by Sinai and Foss (1970).

When a complex system 1s modeled for purposes of control we always
face the same difficulties. The actual process is complex physically
and mathematically. It is difficult to define an exact model and
measure its important parameters. What 1s required is a simple model
which describes the essential features of the process. It must be

conservative in the sense that a controller which can handle a process

described by this model should be able to handle the same process
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described by a whole set of potential models. All that is required are
similar estimates for IGR(jm)lmax and the frequency at which it occurs.
We also need an estimate for the cutoff frequency, w

Co

Dispersion Effects

Although both models discussed give similar estimates for the peak,
they suffer from the fact that they do not include the dispersion effects
of backmixing and intraparticle diffusion. Dispersion effects have
filtering properties and should tend to reduce the size of the reactor
peak and the cutoff frequency; neglecting them gives comnservative
results for controller design.

To estimate how the filtering capacity of the mixing processes
affect the reactor response, we develop a nonreactive model for a packed
bed which Includes the effects of turbulent diffusion, convective heat
transfer, and intraparticle thermal diffusion. The model 1s described
in the Appendix. Using techniques analagous to those used in earlier
studies (Silverstein and Shinnar, 1975; Shinnar, et.al. 1972), the
transfer function relating the outlet temperature to disturbances in
inlet temperature is developed. Treating this as a moment generating
function, the variance of the residence time distribution of the thermal
wave can be calculated. This is then a measure of the dispersion of the
wave due to mixing processes.

The normalized variance is

(92) osi - l_éPleth | 4 O, _J
T Pe,,  Pe, Nw(+8) 3T, (1 + B)
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where Pethis the Peclet Number for thermal dispersion, nth(l+B)2 is
a dimensionless number measuring the extent of convective heat transfer
8
to the solids and 3————52——— describes the extent of intraparticle
Tth(l+B)

thermal diffusion over the entire solid bed. The normalized variance

can be rewritten in terms of reactor parameters as

2
Qs _ Ress T + / + b Py
o T 2 [PCVE Hp”ﬂhBQJr@ 08 R, T, (1+8)

where keff is the effective thermal conductivity of the bed defined by

Yagi and Kunii (1957). The thermal dispersion term, 5%—— is proportional
d th

to EE and for most industrial reactors will be small. For this reason,

the second term of eq. (9a) has been omitted in eq. (9b).
Utilizing an expression developed by McHenry and Wilhelm (1957),

the following simplified transfer function can be written for the bed:
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An estimate for W can be made by the relation

(11) W o~ -dia
< O
9
This value can be compared to the cutoff frequency calculated using only
the convective heat transfer term in eq. 9. Normally, the convective
heat transfer term will dominate and the difference will be small.
However, if there is a significant difference between these two values,

because the effects of intraparticle diffusion are large, then inclusion
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of these effects in the reactor model might be advisable. Exclusion
of these effects would give a conservative estimate of g for control

purposes.

Properties of Frequency Response for Reactor Case 1

In Figure 3, IGR(jm)| is presented for a number of different
reactor conditions for case 1 described in Table 2. They correspond
to points on the heat production curve of Figure 2, The ratio of
IGR(jw)lmax to GR(O) increases with reactor inlet temperature and with
temperature rise through the reactor. In the high conversion region of
the heat production curve, where the slope approaches zero and GR(O)
approaches unity, there is a possibility of |GR(jw)|max being much larger
than unity. Without proper controls this can lead to instabilities with
the system shifting to the low conversion steady state if three operating
points are possible. If the system is designed for only one high con-
version steady state, then a stable limit cycle can result.

If the maximum adiabatic temperature rise through the reactor
increases, then the heat production curve becomes steeper and lGR(jw)|max
will also increase. This is shown by curves A and C in Figure 1l. Such
cases may be difficult to stabilize with conventional control schemes
and modification of the reactor design may be necessary to reduce the
temperature rise in the reactor. This can be done by reducing the con-
version or by reducing ATad through the reactor by diluting the feed
with a large recycle stream or with an inert diluent. The effect of the

latter on the frequency response is shown by curves B and D in Figure 11.

Both of these approaches carry some penalties. Reducing conversion
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reduces the amount of heat feedback but increases pumping and separation
costs because of the larger recycle stream that is required. With
dilution the reactor inlet temperature will increase to attain the
desired conversion, and the reactor outlet temperature will decrease.
Since the reactor outlet temperature sets the temperature levels in the
heat exchanger, these effects will mean a smaller AT for heat exchange.
These, together with the increased mass flow, will require a larger
combined heat duty for the furnace and heat exchanger. The increase

in furnace and heat exchanger sizes will increase the capital costs and
the fuel costs. Depending on what the diluent is, its cost may also be
high. Additionally, greater capital costs will be incurred due to the
néed for larger separation units and larger compressors to handle the
larger recycle stream.

The linearized Crider and Foss Model gives a reasonablé estimate of
what to expect for first order reactions but is useless for more complex
kinetics because an analytical solution is no longer possible. If a
pilot plant reactor exists, then an estimate for |GR(jw)| can be obtained
by fitting an empirical expression to the open loop step response. The
size of the step input can be made large so that the effects of non-
linearities can also be estimated. The fitting function, however, must
be chosen to describe the "wrong way' response as shown in Figures 9
and 10, otherwise an estimate for |GR(jm)|max will not be obtained.

This approach suffers from a scale-up problem. It is important
that scalable conditions be chosen for the pilot plant and for the
industrial reactor which do not produce multiple steady states in the

catalyst phase. Under such conditions, the effect of scale-up is to
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increase the heat and mass transfer coefficients to the catalyst surface
and to reduce the effects of backmixing. From a kinetic standpoint, the
reactor tends to approach plug flow more closely with scale-up. As dis-
cussed in the Appendix for heat transfer effects and in Section I for
mass transfer effects, the effects of thermal and mass diffusion and
convective transfer rates on the kinetic behavior of the pilot plant
reactor can be minimized so that it 1s similar to that of the industrial
reactor. This is possible because the kinetic behavior is relatively
insensitive to changes in the variances of the respective residencz time
distributions. If the csefficients of variation can be made reasonably
small, then the pilot plant will kinetically approach plug flow reason-
ably closely.

The reactor frequency response, however, as shown in eq. 10 depends
on frequency as well as the variance of the thermal residence time dis-
tribution. Thus even small relative differences in the variances of the
RID of the pilot plant reactor and the RTD of the industrial reactor can
be magnified at moderate frequencies to cause significant differences
in the amplitude ratios of the two reactors. This is shown in Figure 12
where Hp is varied in the Crider and Foss model. Increasing Hp is
equivalent to reducing the variance. Thus, the industrial reactor will
be harder to control than the pilot plant reactor. Actually, for very
large Hp, the variance will reach some limiting value since thermal
diffusion effects in the solid phase are independent of fluid flow and
reactor length. Consequently, there will be some upper limit on the
cutoff frequency, W
It is observed from the figure that the cutoff frequencies are

uniformly spaced. This follows from eq. 1ll. Using this equation, the




23

cutoff frequency can be estimated for the industrial reactor from pilot

plant data by:

(12) (kAJCX{nduff - _&E;é)pﬂo+_
(W C) Pl lot (O‘S) vndust

For a reactor where only convective heat transfer effects are important, i

this becomes

(13) (\Uc Jindust \k &'kp\ indust L indust
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Since the peak approaches an asymptotic value, its size for the industrial
case can be estimated graphically from the size of the peaks of several
pilot plant responses with successively longer reactors and from the

estimate for (ub) indust.

Criterion for Global Stability

By applying the "poor man's'" nonlinear analysis to the example of
case 1, a criterion for global stability can be determined. It can be
seen from Figures 2 and 3 that although operation at the inflection point
gives the largest GR(O),the frequency response for the reactor with
T0 = 590°F represents an upper bound on 5oth the size of the reactor peak
and on Wg e

the heat production curve. It remains now to determine by simulation

This is the "most difficult" operating point to stabilize on

the nonlinear frequency response for this operating point. Sine waves
should be used having amplitudes equal to the largest inlet temperature
disturbance anticipated. As shown earlier in Figure 7, the nonlinear
response has a lower IGR(Jm)|I'nax and W than the linear response.
Hence, the "most difficult" linear case to stabilize is also more diff-

cult to stabilize than any nonlinear case. If a control system is
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designed to stabilize this linear case, then it will stabilize all
possible nonlinear cases as well. The process will operate within a
large "practical region of stability" (Perlmutter, 1972) limited only by
the heat duties and control action of the furnace and heat exchanger. If
the kinetics are complex the simple model is inadequate and pilot plant
data are needed to empirically determine the required frequency responses.
It should be ﬁoted that operating at an intermediate steady state
normally implies that complex kinetics are involved. At the flat upper
part of the heat production curve undesirable side reactions may occur,
while at lower operating temperatures they are suppressed. Thus, the
simple first order model applies as long as the reactor inlet tempera-
ture is maintained below some upper limit. However, since many indus-
trial processes involve complex reactions it is important that such

cases be considered.

Complex Kinetics

Case 2 given in Table 3 is a simplified example of a hydrocracker.
An actual hydrocracker is a trickle bed reactor, while the model pre-
sented here is for a single fluid phase having physical properties whose
values are averaged between those of typical gaseous and liquid phases.
The model, however, should illustrate some of the behavior of a hydro-
cracker. In actual development work it is important that pilot plant
studies be carried out to compensate for our ignorance about the kinetics
and hydrodynamics.

The kinetic rate constants for the first two reactions, k1 and k2,

are taken from the work of Stangeland and Kittrell (1972) and are listed
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in Table 3. The third reaction has been added in this example to
account for the large temperature rises which may occur in a hydro-
cracker if cracking is allowed to produce significant amounts of gaseous
products. It is assumed for the purposes of this example that the
activation energy for the third reaction is the same as that for the
second, but its pre-exponential factor is %6-that of the second. The
values of the heats of reaction were determined by assigning empirical
formulas to species A, B, C, and D and then applying the method outlined
by Jaffe (1974). The heats of reaction together with other pertinent
reactor parameters are listed in Table 3.

Some heat production curves for this reactor are presented in
Figure 8 and the linearized frequency responses for typical operating
points are given in Figure 13. With consecutive reactions the heat
production curve can have more than one inflection point and, if ATad
is high, can have very large slopes. The form of the frequency re-
sponse curve is similar to that for case 1, but it reflects the steep-
ness of the heat production curve and can have potentilally large values
of GR(O) and lGR(jm)lmax. This can be seen from curve A in Figure 8 and
from the frequency response curve for point 1 in Figure 13. For this
case, equal amounts of make-up H2 plus recycle enter the reactor to
total 2,000 SCFD/BPD. A mixture of jet fuel and gasoline is the desired
product and production of light gases has to be minimized. Consequently,
operation at an inherently unstable steady state such as point 1 may be
necessary.

There are three ways in which we can modify the frequency response

of the reactor. The first is by diluting the feed. In partial oxida-

tion, some reactors are run with a large excess of air as a heat sink.
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In hydroprocessing, large excesses of H2 are used for the same purposes.
If, in our example, the recycle flow is tripled, the amount of gas
entering the reactor is 4,000 SCFD/BPD. The resulting heat production
curve is given as B in Figure 8, Just as in the A+B case, the effect is

to reduce ATa and the steady state gains at intermediate conversions.

d
The steep part of the curve is shifted toward higher temperatures. The
chosen operating point corresponding to the more diluted case is marked
by the numeral 1., The frequency response is given as curve B in
Figure 13.

Because in both the single reaction and consecutive reaction
examples of Figures 11 and 13 respectively, dilution decreases ATad’
the effect is to significantly decrease |GR(jm)|max which makes the
control problem easler. However, the cutoff frequency is a little
higher and the rate of dampening beyond the peak is lower. This makes
control a bit harder. This occurs because the thermal time constant
must decrease with dilution. The effect is similar to what occurs for
two first order systems with different time constants. The one with the
higher time constant will be more highly damped at a given w.

An alternate approach the designer can take to limit the tempera-
ture rise in the reactor is to operate it at a lower temperature and
accept a lower conversion. In the A+B example, depending on what
reactor inlet temperature is chosen, this approach can greatly ease the
control problem. As shown in Figure 3, a reactor operating below the

inflection point of the heat production curve will have a low GR(O),

will exhibit no peak and will dampen at a relatively low wge
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To determine the effect of inlet temperature and extent of reaction
on the frequency response of the hydrocracker three points 1, 2, and 3
were chosen on curve B of Figure 8. The frequency response curves are
given in Figure 13 as curves B, C, and D. The reactor peak and Wo
decrease with decreasing temperature. If the reactor is operated at a
temperature higher than 760°F, corresponding to point 1 on the heat
production curve, GR(O) and the peak will be extremely high. The
reactor will be unduly sensitive to small changes in temperature because
of rapid cracking to light products.

In both examples, the amount of heat feedback is lower when the
reactor inlet temperature is decreased, but the heat exchanger may be
larger anyway because of a lower AT for heat transfer. The potential
control gains will also have to be weighed against the increased pumping
ard separation costs which will be incurred.

Another approach which is often used with hydrotreaters to maintain
desired temperature levels and improve selectivity is to add cold H2
quench streams tapped off from the gas recycle stream. The quench gas
is added at several points along the length of the reactor which is
usually in 4 or 5 sections. Each section after the first then behaves
as a reactor with a diluted feed stream. The amount of quench gas
necessary to reduce the maximum temperature rise in the reactor to a
desired level is less than the amount of diluent required in the case
discussed previously. This is due to the large temperature difference
between the quench gas and the reacting fluid. Similar penalties are
incurred by using quench as are incurred by diluting the feed. The
reactor inlet temperature is higher and the outlet temperature is lower

than in the base case. Consequently, a larger combined heat duty for
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the heat exchanger and furnace will be required. Separation and com-~
pressor costs may also increase. The mathematical development leading
to an expression for the reactor transfer function is given in the
Appendix.

In this example the reactor consists of 5 sections. The aim is to
achieve a given conversion and to limit the temperature rise in the
reactor to a given value. This is accomplished by adjusting the length
of each bed and the temperature drops between them, so that the tempera-
ture rises in the individual beds are as nearly uniform as possible.

No attempt at optimization is made here. It is assumed that quench gas
is available at 150°F. Quench reactors were designed to correspond to
each of the three indicated points on the heat production curve B in
Figure 8. The inlet and outlet temperatures for a typical case are
given in Table 3. The heat production curves for the quench cases are
given in Figure 8 as curves 1, 2, and 3. They were generated by main-
taining the bed lengths and quench flows constant in each case and
varying the inlet temperature. The effect of quench is to move the heat
production curve to the right and to lower the steady state gain of the
reactor compared to the nonquench case. Additionally, in each case, the
new operating point is somewhat further away from the very steep part of
the heat production curve. This is an advantage in preventing or mini-
mizing temperature runaways in response to large inlet temperature
disturbances. The frequency responses corresponding to points 1 and 2
on the heat production curves 1 and 2 are given as curves E and F,

respectively in Figure 13, In these cases where the peak has already
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been lowered by dilution, it is lowered still further by quench.
Indeed, the usual industrial procedure is to utilize both dilution and
quench to keep the temperature rise in the reactor at a low level.

The improvement, however, is limited to small perturbations. If
the nonlinear frequency responses are generated as was described earlier
for the first order reaction case, the curves of Figure 14 are generated.
Curves A and B correspond to the nominal inlet temperatures indicated by
numbers 2 on curves B and 2, respectively in Figure 8. The sine wave
input has an amplitude of 20°F. From the heét production curve it is
observed that in the nonquench case Inlet temperatures will periodically
oceur which correspond to very large temperatﬁre rises in the reactor.
In the quench case, the potential rises are smaller. Despite this
difference, the nonlinear frequency responses are rather close together
near the peak. It is at lower frequencies where the AR of the nonquench
case 1s much larger than that of the quench case., The lower AR at low
w for the quench case is not beneficial for control. As noted earlier,
the important region for control is at and beyond the reactor peak.
Similar relationships occur between curves C and D which correspond to
the nominal inlet temperatures indicated by numbers 1 in curves B and 1
in Figure 8. The sine wave input has an amplitude of 10°F. The results
remain similar when the maximum nonlinear responses are used as shown in
Curves E, F, G, and H. It is clear from the frequency responses that
if large temperature perturbations occur, adding uncontrolled quench

streams does little to aid in stabilizing the reactor.
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Reducing the temperature rise in the reactor by either dilution or
intermediate quench is not just required for stability and control. 1In
many cases, it is required, from steady state design considerations to
prevent undesirable side reactions, such as cracking to light products,
or to slow catalyst deactivation. From a control standpoint dilution is
more desirable because of its more marked effect on the reactor fre-
quency response. However, the design engineer would probably prefer the
quench technique, because the streams can be introduced at a considerably
lower temperature than the diluent. This reduces the total mass flow
and the required compressor, heat exchanger, and furnace loads.

In either case, however, with large perturbations, IGR(jm)[max can
still be extremely large. The improvement in the frequency response
with dilution and quench comes primarily for smaller perturbationms,
which do not extend into the very steep region of the heat production
curve where the effects of temperature on high cracking rates are mani-
fested. Once the high cracking rates are allowed to occur, a runaway
situation ensues and little improvement in ;he frequency response can be
made by dilution or quench. This points to the need for some improved
control methods to limit the temperature perturbations into the reactor.
Fuel control of the furnace will not stabilize the system by itself. Imn
such cases the need for heat exchanger bypass control is evident. An
alternate approach is to .control the reactor temperature by adjusting

the quench flows. This scheme is discussed in the next section.
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QUENCH CONTROL

One common method for improving the reactor performance is to adjust
the flow of the quench gas by some feedback or feedforward control scheme
based on temperature measurements. Let us first consider feedback control.

In the usual scheme, the temperature is measured at the outlet of a
reactor section and changes are made in the quench rate to the inlet of
that bed. The mathematical development for the pertinent transfer
functions are given in the Appendix.

For comparison purposes, curve E, the frequency response with
steady state quench for case 1, corresponding to curve A of Figure 11,

is presented. The peak and w, are somewhat diminished compared to

c
curve A but not to the same extent as for the dilution case of curve B.
Curve F shows the effect of feedback control applied to one of the
intermediate quench streams. By loop tuning, PI control settings were
found for the loop. Adding control lowers the AR at low frequencies,
but has little effect on the size of the peak. The delay through the
reactor is long so that the resonant region of the feedback control loop
occurs near the resonant peak of the uncontrolled reactor. Similar
responses were found when the control point was changed.

A more promising control scheme involves measuring the temperature
at the inlet to the reactor bed after the quench stream has been thor-
oughly m.xed with the hot reaction product of the preceding bed. The
quench flow is then adjusted according to fluctuations of this tempera-
ture. To implement this scheme a small mixing device must be placed

between the beds. The pertinent transfer functions are given in the

Appendix.
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The effect on IGR(jw)l is shown for two cases., In Figure 15, this
scheme is applied to the same case given in Figure 11 for comparison
purposes. The effect on the frequency response of the reactor depends
on the location of the controlled mixing tank. In no case is GR(O)
reduced velow unity. At first glance this seems strange since at low
frequencies a PI controller should reduce the gain to low values. The
reason for this is that the controller dampens the temperature distur-
bance to the next bed, but not the concentration disturbance which will
continue to cause upsets through the rest of the reactor. As a result,
the reactor can be viewed as being in two parts. The first part consists
of those beds upstream from the controlled tank and the second part
consists of those downstream from the tank. The controlled tank converts
the temperature disturbance to the first section to a concentration dis-
turbance into the succeeding section. This change eliminates the peak in
the reactor response, but increases the steady state gain. The effect
on the steady state gain depends on the location of the mixing tank
which determines G' (0) before the tank and G U(0) after it. If addi-
tional controlled tanks are added between the other beds, the reactor
frequency response is damped even more.

From the curves, it seems that the best place to add the controlled
mixing tank is at an early point of the reaction. In fact, introducing
it in front of the reactor would give the best control and the most
reduction in the steady state gain. With reference to the Appendix,
the steady state gain for an inlet temperature disturbance is GTT(O) =
rS(XL)[l + I(O,XI)] while for an inlet concentration disturbance it is

reduced to GTC(O) = rS(XL) I(O,XL). Unfortunately, introducing quench
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control at the inlet carrles a penalty. The feed would have to be over-
heated which increases fuel costs and the size of the furnace. Addi-
tional overheat is required to expand the nonlinear operating range of
the controller. If more overheat is added, then the quench flow can be
reduced to a larger degree to compensate for drops in inlet temperature.
Compensation for increases in inlet temperature is limited by the size
of the compressors. An alternate approach is to place the controlled
mixing tank after the first‘section which is reduced in size. However,
if it is made too small,.then as the catalyst ages, the temperature rise
in this section will be low and again the nominal quench rate may be too
low to allow for compensation of large negative disturbances in tempera-
ture. Simulation of various alternatives should suggest a reasonable
design.

The example just discussed was for a steady state operating point
with high conversion located close to the asymptotic upper bound on the
heat production curve. To determine the effect gf this control scheme
on a reactor operating in the intermediate region a simple two stage
reactor was designed. Each stage 1s 12 feet long and there is enough
quench added to drop the temperature between stages by 20°F during
uncontrolled operation. All other parameters for the reactor are the
same as in the previous case. The results are shown in Figure 16. In
this case the steady state gain, GR(O), is reduced below that of the

uncontrolled case.
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Use of a controlled mixing tank significantly dampens the reactor
frequency response and its use in conjunction with furnace control and
heat exchanger bypass control represents a powerful yet simple way of
controlling the process., Dilution of the feed and use of quench streams
are limited by economic considerations in their effect on the reactor
frequency response. However, since these will usually be part of the
basic reactor design, use of a controlled mixing tank should be a rela-
tively inexpensive addition. The reactor must be constructed as two
distinct sections with a mixing tank of the required size between them.
In current practice a space is provided between reactor beds where
mixing is supposed to take place. However, the residence time is usually
so small that the mixing is incomplete and accurate temperatures are
hard to measure.

In such cases, an alternative scheme is to measure the temperature
disturbance before the quench section and use feedforward control.
Fluctuations in the outlet temperature of the next bed are used to make
slow set point adjustments in the feedforward loop. Most of the advanced
controi schemes for hydrocrackers are based on this approach in some
form or another (Sayles, et.al. 1973; Stormont, 1969). Theoretically
feedforward control provides perfect control. However, its effective-
ness 1s limited by our lack of knowledge of the system. It is because
of this lack of knowledge that the feedback loop for set point adjust-

ment is required.
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MODIFYING HEAT FEEDBACK LOOP

Steady State Considerations

As mentioned earlier, one approach to stabilize the reactor 1s to
reduce the gain of the uncontrolled heat feedback loop, GF(O)GH(O), to
offset IGR(juDImax. To reduce the heat feedback in this way a larger
furnace must be utilized. Actually, if the heat exchanger could be
eliminated from the loop altogether and the furnace designed to supply
all the necessary preheat, then the system would be unconditionally
stable. However, such approaches carry heavy penalties. Fuel costs
would be very large and the problem of heat disposal from the reactor
effluent is posed. This increases the interaction of the system with
the rest of the plant creating potential stability problems elsewhere.
In most cases the stability problem can be solved by proper feedback
control. Two approaches for modifying the heat feedback loop by control
will be discussed here:

1. Co;trol of fuel supply to the furnace.

2. Bypass control of the heat exchanger.

These control loops are noninteractive and can be used together. It is
noted that the models used in this work to generate the frequency
response.curves for the heat exchanger (Cohen and Johnson, 1956) and
furnace (Roffel and Rijnsdorp, 1974) are described in detail in the
Appendix. The transfer functions for the controlled units are also

developed in the Appendix.
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Control of Fuel Supply to the Furnace

Large industrial furnaces are quite sluggish, exhibiting considerable
time lag in theilr response because of their capacity to store heat in the
walls and tubes. As explained earlier, it is desirable to have a furnace
frequency response which dampens the peak of the reactor frequency
response and whose own peak is relatively low and occurs at a high
enough frequency to be dampened by the reactor. Unfortunately this may
be difficult to achieve in a furnace, particularly if |GR(jm)|max is
large. As an example, curve D in Figure 4 is presented, the response of
a typical large industrial furnace of the size needed for a hydrocracker.
The design parameters are given in Table 4 for the furnace and heat
exchanger.

In the example given, furnace fuel control stabilizes all of the
steady states of the heat production curve of Figure 2. However, the
gain margin of the worst case is only 1l.1. This does not provide enough
margin for the inaccuracies of the models used. The controlled furnace
will probably be inadequate for stabilizing a reactor with a frequency
response similar to those given in Figure 1l4.

It is important that the steady state design of the furnace be
integrated with the control system design. Sufficient control latitude
must be designed into the system to deal with large temperature changes.
On the one hand, the steady state heat duty must be sufficiently large
to control these; on the other hand it must not be so i;rge that fuel
costs are too high. The control action is limited by the amount of fuel
that can be supplied and by the steady state heat duty. In the example

given, the steady state heat duty is 8.1 MMBTU/hr with a 33°F temperature
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rise through the furnace. If half of the maximum fuel rate is nominally
supplied, then step changes in temperature approximately as large as
j}3ﬁF can theoretically be damped even if the control valve is saturated.
However, while the valve is saturated in either direction, the controller
is ineffective. It can only call for changes in fuel flow which are
within the linear range of the control valve. Even if disturbances are
never this large, the speed with which large perturbations are damped
out will be limited by these same saturation effects.

The effectiveness of furnace control in stabilizing a given reactor
must be exaﬁined on a case by case basis. The designer might want to
augment. the furnace control with a modification of the reactor design,
use of a controlled mixing tank between reactor stages, or by introducing

bypass control of the heat exchanger.

Bypass Control of Heat Exchanger

In this control scheme the amount of bypass is varied by measuring
the temperature of the mixed stream leaving a mixing section where the
bypass stream and exchanger effluent are combined. The goal is to
attenuate the temperature perturbations before they reach the furnace so
that the control problem for the furnace is easier. The only limitation
on a fast response is the speed of the thermocouple and valve dynamics.

As shown by curve E in Figure 4, the effect of bypass control of
the heat exchanger is to dampen the heat exchanger response over the
range of frequencies of the reactor peak. This, together with the
attenuated response of the standard controlled furnace (curve D),

should significantly enhance the stability of the process. As shown in
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curve B of Figure 5, the peak of the open loop response of the complete
system 1s sharply lowered. Again, the control loop introduces a peak in
the heat exchanger response which must occur over a range of frequencies
where the reactor is damped if stability is to be insured.

The amount of fresh feed bypassing the heat exchanger does not have
a strong effect on the linear frequency response. However, it signifi-
cantly affects the nonlinear range of control. The nominal bypass
fraction must be sufficiently large so that large changes in inlet
temperature can be dampened and the heat exchanger must be designed so
that it can handle wide swings in throughput. This reduces AT at the
outlet and requires design of units larger than those required for the
unbypassed case. In the example given, the temperature rise of the
fresh feed through the heat exchanger is 178°F. A positive step change
as large as 178°F can be dealt with by bypassing all the feed around the
exchanger. The maximum size of the negative step that can be handled
can be much larger due to the larger AT driving forces at both ends of
the exchanger. The size of the negative step change that can be dealt
with increases with the bypass fraction. However, it is noted that the
size of the bypass fraction is limited by the reactor effluent temper-
ature. The bypass fraction must be small enough to provide a reasonable
AT driving force at this end of the exchanger. Consequently, control is
more limited when large drops in reactor outlet temperature occur due to
concentration changes.

The effect of bypass control on the furnace frequency response was
also examined. It was found that there is no substantial improvement in

the stability of the process. The reason heat exchanger bypass control
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works well and furnace bypass does not is that the driving force for
heat transfer can be significantly altered by bypass in the heat ex-
changer, but not in the furnace. 1In the former case the mode of heat

transfer is by convection, while in the latter it is by radiation.

Effect of Uncontrolled Mixing Tank in Series

The main problem of control is offsetting the gain of the resonant
peak of the reactor frequency response. One way of doing this is by
introducing a filter that acts in the region of the peak. A stirred
storage tank of sufficient size for the heated feed to the reactor could
achieve this., In Figure 17 we present the open loop frequency responses
for several such cases utilizing different sized mixing tanks for the
reactor of case 1 and a heat feedback loop utilizing furnace fuel
control.

For liquid feeds a conventional mixing tank can be used. Holdup
times of 5 to 10 minutes are probably feasible. Mixing energy must be
provided in the form of a conventional agitator or by a high capacity
recirculation pump. In spite of this energy cost, if the réactor fre-
quency response has a high gain and there are advantages in operating
at this particular steady state, this may be a reasonable approach for
improving control.

For gaseous feeds, this approach is less feasible with a conven-
tional mixing tank because its size would have to be very large to
provide a reasonable holdup time. However, the ideas outlined earlier
regarding dispersion in a fixed bed catalytic reactor can be applied to

design a column with inert packing which would serve the same purpose as
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a stirred vessel. The first three terms of eq. 9 decrease with the
length of the bed. However, the fourth term, describing the extent of
intraparticle thermal diffusion, 1s independent of bed length. It can

be written in terms of dimensional bed parameters as:

eﬂ\T:v: _ d? PeCe Thy
3T (U +8)* 108 Rp(| +8B)

To make this large, so that temperature disturbances are damped, the bed
must be designed so that the fluild residence time is high and the parti-
cles are large. A packing material should be chosen which has a low
thermal conductivity. It should also have a relatively high specific

heat so that B is small and Ty is high. Actually with such a design,

h
the other terms of eq. 9 should also contribute significantly to the

size of the variance, ozg. If the particle size is suitably chosen,

d
Pel o i%- should also be relatively large. As shown previously, the
th

heat transfer term normally has the largest effect on the variance with

conventionally sized particles. Since it is directly proportional to

d l+a

P (where 0 < a < 1), the contribution should be substantial with

larger particles.

This approach has the advantages of a lower energy cost and of
requiring a smaller vessel size than would the conventional stirred
tank approach. It is not as directly applicable to liquid feeds because

T
_th is much smaller than for a gaseous or mixed phase feed. However,

T
£
the size and agitation costs for a conventional mixing tank might be

reduced if a packed bed thermal dispersion unit were used 1n series.
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SUMMARY

This work shows how a complex positive feedback system can be
analyzed by dealing with its component units spearately. Frequency
response curves can be estimated for each unit either from mathematical
models or by generating empirical transfer functions from curve fits of
pilot plant step responses. It was shown how the frequency response of
the scéled—up plant reactor can be estimated from the pilot plant
response. By dealing with each unit separately, the design engineer can
easily determine how the'frequency response has to be modified to obtain
a desired stability margin.

A conservative stabllity criterion was first set down for the
system; for stability to be insured the amplitude ratio of the open loop
frequency response for the entire system must be <L at all frequencies.
It was shown for the positive feedback systeﬁ consisting of a fixed bed
reactor, heat exchanger and furnace that the open loop frequency re-
sponse contains a peak. Thus, the conservative stability criterion is
replaced by the condition that max|G*(jw)|<l. Because of the differ-
ences in the fluid velocity and the velocity at which temperature
disturbances are propagated through the reactor, its frequency response
may contain a peak. The frequency at which the peak occurs can be

estimated by knowing the thermal time constant 7, = Tf(1+B). The

th
frequencies corresponding to these peaks will in many cases be close to
the frequency at which max|G*(jw)| occurs, because the reactor will
dampen peaks that may occur if controls are applied to the other two

units. In other cases, the control problem is complicated by the

sluggish response of the furnace.
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Two approaches are taken to stabilize the system. The first
involves modifying the reactor response so that its peak is lower and
occurs at low frequencies where it is damped by a controlled unit. The
second involves modifying the frequency responses of the furnace and
heat exchanger by suitably chosen control schemes so that the gain of
their frequency responses are low when the reactor gain is high and vice
versa. By dealing with each unit separately the design engineer can
easily determine how the frequency responses have to be modified to
obtain a desired stability margin.

The steady state design, if considered with control in mind, can
tremendously ease many potential stability problems. This bears directly
on the two approaches for stabilizing the system. The effect on the
respective frequency responses of several modifications in the system
design were discussed. Some of these are:

1. Limiting the temperature rise in the reactor by

(2) reducing conversion,

(b) diluting the feedstream with an inert diluent or with large

excesses of a reactant,

(c) diluting the reaction mixture with intermediate quench streams.

2. Use of quench control applied to the reactor.
3. Bypass control of the heat exchanger and furnace.
4, Introducing a mixing tank of sufficient size at the reactor inlet
to dampen temperature disturbances.
All of these approaches carry some processing and economic penalties
which are briefly outlined. The choice of how to proceed involves com-—
promises between steady state performance, control, and economic

considerations.
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One promising approach 1s to apply bypass control to the heat
exchanger. It was found that this control scheme was able to stabilize
even the most difficult case presented by a model for a hydrocracker
involving complex kinetics. This approach necessitates some additional
capital expense by requiring an oversized heat exchanger to allow it to
compensate for large temperature disturbances.

The operating region of any controller is physically limited. In
the bypass case, the bypass fraction can only lie between 0 and 1. The
controller can not call for flows outside of this region. As a result,
the linear behavior of the controller is limiting. In some equipment,
this limitation on the control action may make stabilization impossib;e
for large disturbances. However, by choosing a suitably large nominal
bypass fraction the control action of the heat exchanger can be made
sufficiently wide to handle any reasonable disturbance. Bypass control
of the furnace was similarly investigated. However, it offered no
substantial improvement over the standard controlled furnace.

The nonlinear behavior of the reactor was examined and two approaches
for stability were discussed. In the first, the frequency response is
determined for the largest anticipated temperature disturbance about
the design inlet temperature. A control scheme is then designed to
insure that within the limits of these disturbances the system is stable.
It was demonstrated for the single first order reaction case that,
depending on the position on the heat production curve of the reactor,
the linear case may be more difficult to stabilize than the nonlinear.
In the second approach, the linear and nonlinear frequency responses are

generated for all the operating points on the heat production curve.
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The control system is then designed to stabilize the single most difficult
case. This approach establishes global stability for the system.

Using a complex kinetic model for hydrocracking, it was determined
that this reactor is rather difficult to stabilize. This is due to the
potentially large temperature rises in the reactor which can occur if
significant cracking to light products occurs., This causes the heat
production curve to be extremely steep at temperatures where this
cracking occurs. As a result, if nonlinear perturbations in inlet
temperature extend into this region, the frequency response will have
very large gains and acc;mpanying large peaks. The only scheme which
stabilized these cases was bypass control of the heat exchanger in
conjunction with the standard controlled furnace. Introducing quench
streams reduced the reactor gain but seemed to do little to lower
the reactor peak. Diluting the feed with a larger H2 recycle stream
alleviates the problem, but this approach carries economic penalties due
to high energy costs for compression.

In addition to heat exchanger bypass control, a modified quench
control scheme was suggested which eliminates the reactor peak. In this
approach, the reactor is divided into two parts with a small mixing tank
between them to which the quench stream is added. The flow of this
stream is adjusted according to fluctuations in the tank outlet tempera-
ture. It was found that the standard quench control scheme of measuring
the temperature at the outlet of the reactor bed immediately downstream
of the mixing sectlon was unsatisfactory due to the large thermal de ay
of the bed. The modified scheme significantly dampens the reactor

freqency response and its use in conjunction with furnace fuel control
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and heat exchanger bypass control represents a powerful yet simple way
of controlling the process.

Introduction of a holding tank at the reactor inlet to dampen temp-
erature disturbances represents a way of increasing stability without
use of control loops. However, the overall response time of the system
for desired set point changes will increase. Here again, as with all of
the approaches discussed, the designer must make compromises between

steady state performance, control, and economic considerations.

Concept of Nonlinear Analysis

The "poor man's'" nonlinear analysis is not intended to rigorously
establish stability criteria or to establish 1f stability exists. Its
purpose is to help the designer obtain an idea of how the reactor will
behave in response to large perturbations. This behavior is established
in two ways in this thesis. The first approach is to vary the reactor
inlet temperature with sine waves of varying frequency and large ampli-
tude. From a reactor model, the designer can determine the steady state
output response. Thils response is a nonsymmetric periodic function
which has no secondary peaks and has the same frequency as the input
function. A nonlinear frequency response for the reactor is plotted
based on the maximum amplitude of this response.

Alternatively, a large step change in inlet temperature is intro-
duced, and from a reactor model the output response 1s determined. The
response can also be determined in pilot plant tests. Using the sum
of linear functions as shown in the thesis, this output can be curve

fitted by linear regression. From this function the linearized-nonlinear
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transfer function for the reactor can be determined and the nonlinear
frequency response can be established.

From the magnitude of the steady state gain, resonance peak, and
dampening characteristics of this pseudo-nonlinear frequency response,
the designer can determine what type of control schemes might be useful
to stabilize the system. If these parameters are small, then standard
furnace fuel control might be all that is necessary to control the process.
If they are large, then the designer must think in terms of modifying
either the steady state reactor design or adding controls to the reactor
in the form of quench control of an intermediate mixing section or by
further modifying the heat feedback loop of the process by introducing
heat exchanger bypass control.

Once a possible control scheme is chosen, the designer can then
dynamically simulate the behavior of the process using mathematical
models. He can now determine the response of the system to various
types of upsets and determine if the controls are adequate., If they
are not, he might have to think in terms of further modifying the
basic steady state design to obtain a process which 1s controllable
over a region in which he feels his system will operate. If he must
operate within a small practical region of stabillity, then using the
computer simulations, he can determine under what conditions he can
safely shutdown the process without experiencing intolerable temperature
excursions.

This approach is applicable to other similar distributed parameter
processes where the control problem arises not because the individual

units can be unstable, but because the process as a whole can have
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stability problems due to external feedback of heat or mass. However,
it must be noted that to implement this approach successfully, the
designer must have a good understanding of the physical and chemical
processes occurring in the system so that, for control purposes, mathe-
matical models can be established which simulate the real process in a
reasonably faithful way.

For example, the primary unit in the process analyzed in this work,
is a fixed bed catalytic reactor. In recent years it has become known'
that its main dynamic features are due to the interaction of concentra-
tion and temperature waves which pass through the reactor at different
speeds. Simple models can be written to adequately simulate these
interactions. provided a decent kinetic model is available.

This work represents, to the author's knowledge, the first pub-
lished attempt at analyzing and offering solutions to the stability
problems of complex distributed parameter reaction systems of this kind,
where feedback control loops are used to stabilize the process. Hereto-
fore, only the open loop stability characteristics of reactors were
analyzed. No attention was paid to other units which may be part of a
typical industrial process. No attempt was made to stabilize the

reactor with any type of feedback or feedforward control.



48

APPENDIX

Derivation of Reactor Transfer Functions

The fluid mass and heat balances are respectively:

ATf
aC aC
_f £ _ _ _ T +T
(A1) 5t + el r(Cf,Tf) = =~ @0 f <:$
BTf BTf
(a2) F + -ax—' = r(Cf,Tf) + H.p (Tp-Tf)

where the parameters are defined in Table 1. The particle heat balance

is:
.
(A3) T = HPB (Tf—Tp)

These equations are linearized and the Laplace transforms are taken to

give:

BGCf
(A4) e + (s + Tq )6Cf = - GTf

£ f

BGTf

(A5) o + (s + Hp - rTf)GTf = HPGTP + rcfacf
H BGTf

(46) 6Tp S+HPB

where § indicates deviation from a steady state value, s is the Laplace

transform variable, and . and r, are partial derivatives with respect

£ f
to concentration and temperature respectively. These equations can be
combined to eliminate GTP and GCf to give a second order homogeneous

differential equation for GTf.
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2

3 5Tf 26T,
(A7) —3—2— + al(x)_'a—x_ + az(x)GTf = 0
X
where:
drcf H S
al(x)'zs+rcf'rT‘r x T STuD
£ £ P
dry drg H Tp u %3
a (x) = Sr. - f 62 s - L (E 2 _£__2
2 c dx T dx '‘r r T r., (S+H_B)
r £ C C c C P
) £ £ £ £
H (8"-r, H B)
P Ccp
+r. H +
Cep | SHA_B

To solve eq. (A7), it is necessary to know a solution a priori.
Such a solution is GTf = rse-'Sx where subscript s refers to the steady
state. Solving the set of.eqs. (A4-A6) gives four transfer functions
relating the temperature and concentration at any point in the reactor
to perturbations in either variable at the reactor inlet. The transfer
functions are:

Hs C (x)

H _sx
(A8) G°“(s,x) = expl-sx- === 1 - [1 - s rS(X)T(s,x)

s+H B T (stH B) | e
P s p
T - H S ; _
) G (0= [1- =22 Toxpl-sx~ HeSX T _fj_ _HS o)
[ S+ Hb Kpl-sx $+HPBJ [_' 0 (s + Hp8)
— _ HPS _ Hp S C_g(\) SSX T
[/ S+H,8 J [/ i (x) (S‘f‘HPB) }e YS(X\I(S,X)

(A10) TC _cx o
G (s = & v 15,0

~5X
]es )
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(Al1) G (5,x) = ésx[}()k) [/*“(/ - —g%‘%g-)-'f(s,x)

-H S
p> Y dy

X
where 1(s,x) = ~£ eS + Hp B Cs(y)

Crider and Foss provide an approximate relation for E_%;Y s which allows
s
I(s,x) to be evaluated analytically. They approximate the reaction rate

by:

AT kT
e

eTO+T =~

where K i= a coupling parameter defined as

A - 0.5972
T6+0'2701

1
The approximation for Cs(x) is

1~ e =1 4 14p -1

The parameters b and q depend on K and can be determined from graphs

provided by Crider and Foss (1968). The parameter CSa is defined as:
Csa = exp (Ei(K) -y =-1nK)

where y is Euler's constant.
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Derivation of Heat Exchanger Transfer Function

The appropriate heat balances are:

" ac, % ac. ¥
(Al2) tube side fluid: o 17E ==+ o 17F uy == nDihi(Tw-To)

(A13) tube balance: PW chw O;’_\g - .DQL‘U(TR.— Tw3 -7 DL l"‘g(Tw' To)
(A1) shell side fluid: O\, Co O = @, R (T-To) - ThhL (Te-Tw)
ot

where TL is the reactor effluent temperature and ¢R‘is the mass flow
rate in the shell side of the exchanger. If we assume that there is no
bypass control around the heat exchanger, then these equations are
linear and uy and hi are constant. However, with bypass, the flow rate
in the tubes varies; the equations are now nonlinear and a linearized
solution is necessary. The development for this more general case is
presented here.

If we assume that the tube side heat transfer coefficient is pro-

portional to the 8/10 power of the mass flow rate, ¢H’ we obtain the

following linearized and Laplace transformed equations:

aéTo(s,x) (TwS-ToS(X)) dTos
(Al5) U e + GTo(s,x)[1+Tls] = GTW + &u [0.8 o - 11'75:-]
cgu(s)

@6y (rs+1) §Tuls = a, 5T + ¢ 8T, (5,0 - a3 Ty

a1 (s +1) §Ta = b, STL(s) +blgTw(S)
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where the constants are defined in Table Al.

If the GTW and GTR are eliminated, a single differential equation

for cSTO(s,x) results

(A18) a_S_M + M a,ls) = by g'l:_(s) __[ Culsy JTo,jl &p (s)
U U T,

O X U T ; 5T 6 3

This is easily solved to give:

- g X -, x
) - S 2
(a19) 6-[(_1(5')O = (%Hf_ssi (/ -e % ) ST ) + e Us 8—];(&,0)
L9
r -l % &HKS) X X e,y

’[én((?)(l‘ET Us T usjerw dr,. ]gf‘:,m

£

The integral term in eq. (A19) can be evaluated analytically., The steady

state temperature profile is:
-Gy X -4, 9 x

A b, (o) L U ) T T
To () = a,,(o)(/‘ﬁ ) /Ls t 7;5(0) e’n

and the integral is

..aH(s) x _ aH(s)y ©O)(T. -1 (o)) —aH(o)x —aH(s)x
Tl uS fx Tlus aH ° Ls os ° us'r1 usTl
(A20) e , e dTos(y) = aH(S) ~ (o) [e -e ]

If there is no variation in mass flow through the tubes, then the heat

exchanger transfer function reduces to the first two terms of eq. (Al9):

Quls) X auls) L

(A21) cgﬂ(s,x) = g% /- K u)cgl(s) ‘e R A\To(s,o)
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Derivation of Furnace Transfer Function

This derivation is similar to that for the heat exchanger. The

appropriate heat balances are:

(A22) tube side fluid: Dt L = 0(0 At(T‘; - To)

M'ﬁ CP{_ dT-t
dt

(A23) tube balance:

§
£
e}

i

=2
o
I
IS
N
o
|
—

Mg C,. dT,
(A24) hot gases: . g P‘Jd_.z =

26-
=
=

]
O
!
O
|
O
g

MW CPW C& =
dt

(A25) wall balance:

where the heat transferred via radiation and convection from the gas to

the walls and tubes, respectively are:

we Q= Aedo [ (nz—so)M_ (%%SHLA@ 5,001+ Ao G- T)

W W T2

-—

wn Oy =Actol(E- (] Acdol )+ At T)

The heat transferred from the walls to the tubes via radiation is:

_ 3 3.4

ws Qo= A0 (’!;,4-7;”) “hedo [(:_;_v‘)_ (TT&) J - AgeSo (7" T)

The heat loss through the furnace stack is:

(A29) Q = C U;'Tve;)

out 3 P9
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The heat loss through the furnace walls is estimated by:

1,25

W <Tw- Emb)

0.75

(430) Qloss = 056 (W)

where WL is the length of the wall and W is the width. The heat supplied

to the tubes, Qto tube = Qgt + th.
If these equations are linearized and the Laplace transform taken,

a single differential equation for To is obtained:

0T, (5, a( ) b, dlo, s
(w3 S = 8T | “’g(bu) gl ICRE R ‘%“

I

where ¢f is the fluid flow through the tubes. This 1is easily solved

to give:
(s)x b (S,) -d (s)
(A32) S'I;Cs,x) 87—(50 u‘ t dF(s)f e ) ¢’(5)
C (s) 2% a”“ ¢ Gy 5,
[

ar(s)/ eus) <15(~‘ e Cﬂ; _Cﬁ—

Since the steady state fluid temperature profile is the result of
solving four nonlinear equations, the integral must either be estimated

by approximating T _ (x) by an empirical expression so an analytical
s
solution is possible or by a numerical integration. Definitions of all

terms are presented in Table A2. Equation (A32) can be rewritten as:

- ApHX

e~ T, ¢
(A33) (S‘_E(S,X) = 87:(5,0)6 o G—F 9(-?)8\4%(5) °G (J) 8(15 (<)
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If there is no change in mass flow through the tubes and feedback control
i1s applied by measuring the outlet temperatufe TO(L) and adjusting the

fuel flow, ¢g, the closed loop transfer function is:

-T.a(8)
(w38) $T, 600 _ e’ f
§ T, (s.0) KeG Py &

/ (1 + T, (1 T

ST (°°,L)
As S, NV approaches a finite value greater than zero. This is
5T°(°°9 0)

a failing of the model used, which does not account for thermal diffusion
in the furnace tubes. To compensate for this a first order respomse is

added in series to provide reasonable attenuation at high frequencies.

Quench Control of Reactor

A. Standard Scheme

In this approach the reactor is divided into several beds. The
temperature of the reaction mixture leaving a stage is measured and the
flow of quench gas is adjusted to the mixing chamber immediately pre-
ceding it. Control loops can be designed for any one or all of the
mixing sections. In the development that follows it is assumed that
controls exist for all of the mixing sections. To determine the effect
of controls on fewer sections, it 1s only required to set the proportional
control constants on the uncontrolled sections equal to zero. If they
are all set equal to zero, the transfer function for the uncontrolled

quench case results.
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The transfer functions relating the outlet of bed 1 to the inputs

are:
., IT TC
(A35) 8T, = (677), 8T + (6 ) &C,
_ . CT cc
(A36) 8C, = (677) 8T + (67); &C,

The balance around the first mixing section is:

_d T,
Ve (T)Tye) + Woog (Tg = Tyg) =Me—3g

where Wf is the fluid flow through bed 1, and WC is the coolant flow
1

rate. If this is linearized and the Laplace transform taken we obtain:

_ 4T Ky, SWo
wn 8T THs — Teme

where 1 = ME/(chf + W.c.). It is assumed that for convenience that

c
Ww.c
WCCC << 1, The relationship for the concentration into and out of the
£ff

mixing tank is simply

(A38) 8C = §C . d

20 1 T--\—/—
Tere

The relationships for the second bed are:

TT)

(A39) §T (G

TC
g 8Ty + (677)5 6Cyg

= (cSC CT
(440) §Cy = (67, 8Cyq + (677), 8Ty,
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Substituting eqs. (A37) and (A38) and using the following control law

\
(A41) KoK+ 75s)
™ R U+ 9) (1+ Ts) oL

we obtain:

& 7o €
+ (
(A42) 8-,;(5) . | +T8 | + SC $)

/ N '), K2 K, K:(H sz)
U+ 14 TonS) (I + TS)

(G ) g (G ) SC (s) chakszkvkc(“’rl;?)g-{,-_(s)

| +TS | (1478) (14 Tys) (14 TS)

It

(A43) (g Cz(s)

t

. In general, for the ith reactor bed, where i > 1:

T ST o (-GTC)L‘ $C..(8)

(AL4) ST_(S) - [+TS_ I+
‘ ' / (GT7 Kgf. K K ( ;l,:s)

I+ (I +7;ns) (1+T9)

(A45) gc ) - (C"CT):. g (r ) SC ) _ QG) Kacka (H'rzs)g\rw;

|+7TS i+T's et (T Y+ T, 8) (1 +T38)

By using these recursive equations, the input-output relationship for

the entire controlled reactor can be determined.
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B. Temperature Control of Intermediate Mixing Section

The development for the transfer functions is similar to the previous

one, The recursive formulae are:

&)
(A46) 6_[_,(5) - T+TS S i (GTC)L' ng-.(S>
¢ |+ Ko Ky Ko (w T,s\éTAS 1+TS
U+ 1) (14 T,.8) (14+73)

(447) SC‘ (S) .t I+75 8 \L- (SB -TaS + (GC()(: .gC“-l (S)
/ + KVK%LKC('+ Tz S ) H'TS
(+7,8) G+ 1,.8) (1 +T5)

Bypass Control of Fired Heater

A heat balance around the mixing tank gives:

(A48) Pl d|° de F(T T.) + \/\/SCP(T’f>

If this equation is linearized, rewritten utilizing the bypass relations
WB = fws and o = (l—f)WS, and the Laplace transform taken, the
following is obtained;

(1-5) 6T ) + § §Tots) B (L, 7o) 5o
|+ TS [+T.S

@9 T (s)

where TL is the furnace outlet temperature, f 1s the bypass fractiom,
F

Te is the mean residence time in the tank, and subscript s denotes the

steady state value.
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Equation (A32) can be rewritten if we recognize that 6¢f(S) =

-WS 8£(S), and utilizing eq. (A48) we obtain -

§Teo = [ (- N SS} STo(s)
+T8)

| + G <pﬁ(s)K (|+ 4TS

) ol

(A50)
LT \,\/Til—-S-S) G, 3(5) <T } § % esy
|+ G, S(S)Kc(l+ +TD5) Leg °s T+T5

The control law for the bypass loop including a finite time delay and

valve and thermocouple dynamics is:

@y fre - e feling) g

(I+ TS) (1 +1,8)

Substituting (A51) into (A50) gives:

.
[ (1- Ss\ et , ,;J §Tis
e 1+ GLOK 0+ 75 1%8) '] T+as

O - e T
s /+GFT¢5($)KC('+_7‘-;}+755) |+

Bypass Control of Heat Exchanger

The transfer function for the mixing tank is

wn L= L= 1,0 + £ 8% (T FI) 55

TS TS

where TLH is the heat exchanger outlet temperature.
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Utilizing eq. (Al9) for 6TLH(S) and recognizing that 6¢H(S) =

-WS §£(S) we obtain

/ To'TF ) To'Tl-'
(A54) 87;(5‘) EN) Gy (9 + % ‘ng“‘ + (1-5?16“5(5) STL(S)

b+7,$ T,

[ W, (1 HGT;(I)?) T~ Te, 1€
s\~ 75 H S _ LH.S‘- Fs (S
T I+ T.§ | +7T,S s

Utilizing a control law similar to that given in eq. (A51) we obtain

!
To T

’ T T
, 40806 O §Te9 , (-5 G (9 6T
(A55) S’E (g - [+ TS F

| +T. S ,
]+ Ko (I1+ m5) [ (Tus~T) = Gy ™60)
(15} (1)l ens) | (TL//;'TFS) - G;O % (o)

Model for Thermal Dispersion In A Nonreactive Packed Bed

In this model, the bed is composed of two phases. Phase a is the
interstitial phase and Phase B is the intraparticle phase. Heat transfer
occurs between them via convection. Initially it is assumed that the
bed has some steady state temperature profile. At time = 0, the inlet
temperature is perturbed with an impulse function. The following develop-
ment describes how the variance of the RID of the resulting thermal wave
can be determined if transfer functions for each phas: are established.
The development is exactly analogous to that given for fluid residence

time distributions in Section I.
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Phase o

Phase o 1s modeled as a tubular column with backmixing of heat. All
of the transport processes due to molecular and turbulent diffusion are
described by a single effective thermal conductivity, keff’ for which an
empirical correlation has been developed by Yagl and Kunii (1957). The

thermal transport phenomena in phase ¢ are described by:

- Ol - ' - e
(A56) ﬂcg_g_fu_ - kef? aa; ‘ﬁcfu%%

where Ta is a deviation variable with respect to the steady state. This

equation can be written in the following normalized form:

wn ok - 1 Ok _ Ik
0t~ PP-,Lh dX* Jd X

The dimensionless terms are defined as:

o Psceul o,
Pe, = Liiatt

L
Regs ) e U

. oy- B

! Xz L

where u is the velocity, which is assumed constant across the catalyst
bed, L is the length of the bed, T, 1s the mean residence time in phase a,

p. is the fluid density, Ce is its specific heat, and Peth is the Peclet

£
number for thermal dispersion.
If the Laplace transform of eq. (A57) is taken, we obtain the

following expression for the Laplace transform of the thermal RID in

phase a:

55 ) g |
ACK 2 (S)(g) (4-10" ¢ (&) (4 4)

2.
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where the normalized boundary conditions are:

dT (s ,x)
@ x=0: T =~-T = = Pl g i
a, o e X
dTa
@x=lax—=0
and q is defined as:
4t
q = 1+ Pea s) 1/2
th

where s is the Laplace transform variable.
If eq. (A58) is viewed as a moment generating function, then the

first and second moments of fT(t) can be found to be

(A59) b= T
2
~Pe Pe
- 2 2 th th
(A60) By = Z(Ta /Peth ) (Peth + e -1+ > )
Phase B

The shape of the particles is neglected and it is assumed that they
can be described as thin plates of thickness 2b. The transport of heat
to the particle surface 1s described by a heat transfer coefficient, h.
The internal conduction processes are described by a one dimensional

diffusion model with thermal conductivity k_ and with diffusing length

B
b, the catalyst volume per unit interfacial surface area. Mathematically

this is written as:
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. T .
A A T

where TB i1s a deviation variable with respect to the steady state value.

Normalized with respect to the characteristic dimension, b, this becomes

2
(462) 6,06 _ 0T
Ot o x*
_ bzps °g

= 2 -
where X = 5 and eth ks

The pertinent normalized boundary conditions are:

(A63) @ x = O: _dTl; _ hey _ _ he s
dX - Pfcfb T:x 7;) - _——_h_b+ (T« l@)
(A64) @ x = 1: dlp - o
d X

where x = 0 is the surface of the particle and x = 1 is the center line.
If the Laplace transforms are taken of eqs. (A62)-(A64), an
expression can be found for the Laplace transform of the RID ¢(t), which

is defined in Section I. This is:

|
i b JBG,.5 _
X=0 + ¥ ihT

(A65) ¢ (s) = _;__‘L
A
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The first and second moments of ¢(t) are

= b _
(A66) Kl - h' = TB
s ,2.2
(A67) K2 = 2 1; + 3 Tg eth

The RTD for the thermal wave in the entire system is gT(t). Its
moments can be found from the moments of fT(t) and ¢T(t) as shown in the

following relations

(468) W=0+rK) A,

(469) %= MKt + (142K 41,

where A = %% and B = %ﬁggg%:ET
BB
Our goal is to determine the variance of gT(t) and to evaluate its
effect and the effects of its terms on the dampening of the.reactor
frequency response |GTT(jm)|. In particular, we are interested in
assessing how scaling up of the reactor will affect the frequency

response and the control scheme developed from pilot plant studies.

Making the proper substitutes into eqs. (A68) and (A69) we obtain:

(A70) 1 =([+ '—B> To = Ten

2 €in
(A71) %= 2(T, -T)(-L+~<—9—*h +ZTZ('_+_9—__L
: o TCH\) o Py Pezn\ Pc":h

%)
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where n = Ara and Tcth = ntg. The variance of gT(t)can be found from

o 2 = Vo = vlz and is calculated to be:
g
Pe,h
(A72) __C)__S_Z_ - Z J\ l _ l_ e. + ‘ + GH, ]
T Peyy Peth nGi +8)* 372”1(! +B)*

In terms of reactor parameters, it can be written as:

wn S o { Ress T, I L degc
T, Pl He T B(148) 108k, T, (1+8) !

The effects of space velocity, particle size, reactor length and

c_2 o, 2
diffusivities on ?E—E are exactly analagous to their effects on ?wi' i
th c i
j

as described in Section I. Consequently, for purposes of achieving a

close approach to plug flow in kinetic terms between the pillot plant and
c 2
industrial reactor, the coefficient of variation ;5—5 can be made small.
th
This close approach is possible because the kinetic behavior is rela-

tively insensitive to small changes in the variance.
However, the situation is different with regard to the frequency

response of the reactor |GR(jw)|. It depends directly on the product !

mzo 2 as demonstrated by McHenry and Wilhelm (1957) who offer the

g
following simplified transfer function:

A74 T . =
(A74) e

o]
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Because of the dependence on w, even small relative differences in ¢
between the pilot plant reactor and the industrial reactor can be
magnified at moderate frequencies to cause significant differences in
the amplitude ratios of the two reactors. The industrial reactor will
have a smaller variance and as a result its frequency response will not
dampen as quickly as the pilot plant response. Thus, the industrial

reactor will be harder to control than the pilot plant reactor.
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NOMENCLATURE
catalyst surface area per unit volume of reactor
polynomials in furnace transfer functions

polynomials in heat exchanger transfer functions

E_
RT
o}

crosé sectional area of heat exchanger tubes
heat transfer area in heat exchanger

tube heatvtransfer area in furnace
amplitude ratio at crossover frequency

amplitude ratio at peak in reactor frequency response
PgCeE

dimensionless heat transfer coefficient ———=
ppCp(1-€)

specific heat of quench gas
specific heat of fluid
particle specific heat

tube specific heat in furnace
specific heat of furnace wall
specific heat of reaction fluid
fluid phase concentration

inlet concentration to the reactor
acid phase concentration
particle diameter

diameter

activation energy

bypass fraction
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NOMENCLATURE (continued)

GFOL(s) furnace transfer function relating outlet to inlet
temperature

GHF(s) heat exchanger transfer function relating outlet to
fresh feed temperature

GHL(s) heat exchanger transfer function relating outlet to
reactor effluent temperature

GOL(s) open loop transfer function for process

G;J(s) reactor transfer function relating effect of input

disturbance j on output i

G;J(s) furnace transfer function relating effect of input
disturbance j on output 1

G;j(s) heat exchanger transfer function relating effect of
input disturbance j on output i

g(s) reactor transfer function relating outlet to inlet
concentration for tracer

Hp normalized heat transfer coefficient defined in Table 1
hp interphase heat transfer coefficient

KB proportional setting in bypass control loop

KC proportional control setting

k reaction rate constant

kp particle thermal conductivity

k°° reaction rate constant pre-exponential

L reactor length, total length of tubes in heat exchanger
M mass hold up

Mg mass hold up of fuel in furnace

Mo mass hold up of oil in furnace

Mt tube mass in furnace

M wall mass of furnace



Beh

Peth
Q
ng
Qgt

e

to tube
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NOMENCLATURE (continued)

convective heat transfer parameter
Peclet number for thermal dispersion
heat to tubes in furnace

heat in furnace from gas to walls
heat from gas to tubes

heat from walls to tubes

heat leaving from stack

heat loss through walls

gas constant

reaction rate

Laplace transform variable
specific inner surface of catalyst
temperature of quench gas

fresh feed temperature

fluid temperature

fuel temperature in furnace
reactor exit temperature

reactor inlet temperature or furnace outlet temperature,
dimensionless parameter in eq. (13)

heat exchanger outlet or furnace inlet temperature
catalyst temperature

temperature of reacted fluid downstream of heat
exchanger, reference temperature

tube temperature in furnace
wall temperature w

time



02 = <t

=
(]

A

N

Greek Symbols

NOMENCLATURE (continued)

overall heat transfer coefficient

velocity

shell side volume

flow rate of bypass stream

mass flow rate of quench gas

flow rate of fresh feed

normalized reactor length defined in Table I

distance ~

tube side heat transfer coefficient in furnace
heat transfer coefficient on gas side

mass transfer coefficient

voidage of particle

heat of reaction

voildage of bed

fluid density

particle density

variance of residence time distribution of thermal wave
derivative time

delay time

furnace residence time

f1luid residence.time

heat exchanger residence time

integral time

thermocouple time constant
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NOMENCLATURE (continued)

tank time constant

thermal wave residence time

valve time constant

feed rate to furnace

fuel flow rate in furnace

mass flow of reaction fluild in furnace
flow rate of reaction fluid

frequencf

71
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TABLE 1

REACTOR MODELS

Liu and Amundson Model

Fluid phase mass and heat balances:

aC aC Ra

_f £ _ P T _¢

i e P Ce)

oT aT h_a (1-¢)

£ £ _ PP _
Pee 3e T Pe%s Yoz c (T, = Tg)

Catalyst phase mass and heat balances:

aC. 6 _ _ 5 p. _
P _ 2B €. -¢) -~ 8P ¥
ot d Y f P Y
P
Moo My
T T (Tg = T) + S.p 5(-aH); x,

Crider and Foss Model

Dimensionless mass and heat balances:
BCf 3C
at ox

BTf
ot

+
I

T + H (T -T
p(p f)

H B (Tf - Tp)
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For single first order irreversible reaction A-+B, these become:

_af.f. . _ﬁ oy - - AT/ (T +T.)
ot x £7°F e <
AT oT
3t = ° (Cf,Tf) + Hp (Tp-Tf) ‘
!
oT ’
_P'at = HB (Tf—Tp) ;

These equations can be linearized and solved analytically to give the
transfer function relating the outlet temperature of the reactor to
inlet changes in temperature:

-SX; H_ S -
Ge(s) = r (X)) e [1+Q "S?I%Pf) T (5,X))]

-H S :
o dy
SHLE T s(y)

where I (S,XL) = jo e

The dimensionless parameters are defined as follows:

a
f
E c, = —
A = e f a
RTR o
* =
5 o DEoES I il |
ppcp(l-e) f ATad
h_a (1- T
H = PP( €) - T = ATR
P - o
pecee ke ad
T* T
- R
t = t¥k e A T = T
P ad
% -
X =.x_k eA
u -]
where TR = reference temperature

starred values are dimensional



TABLE 2

REACTOR PARAMETERS'

Case 1. Reactor With Single First Order Reaction A-B

-h

Nrad

(-p4)

30 BTU

130°F

Kecal

15 g-mole -

0.4 1to
sec

1.915 Lt
sec

3 mm

375 ft

60 ft

hr ft2 °F

_ 7 -1
Sgpc = 6,08 x 10" ft
y, = 0.4
Y = 0.35
BTU
pC_ = 30,333 ——
pe £t3 °F
ppCs = 4,58 —2i—
ft~ °F
k. =7.5x10 mio"t
E = 40 Xeal
g-mole

Typical Temperature Profile in Reactor with Quench

o]
o
[a N

Lo I

Temperature In (°F)

Temperature Out (°F)

Length (ft)

642
648
653
666
679

676
679
683
686
686

N

SO0 O N

v Ln
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TABLE 3

REACTOR PARAMETERS

Case 2, Hydrocracker with Reactions:

ky k) ks
Gas 0il - 2,099 Jet Fuel -~ 3.79 Gasoline =" Light Products

_ 9 _ Keal _ - — Keal
ko =4.75 %100 Ej =50 —Z2 (-4H); =-34.8 T 7e 6.0,
_ 9 _ Kcal - = o —Kc.il___.
Kpo = 5.065 x 107 Ey = 55 ~_2o (-0l = -13.4 Toole Jet
8 Keal Kcal
k - = — - 2= -
3w = 5:065 x 107 Eq = 55 —Zooue (-8H) 5 = -31.8 o Gasoline

Other parameters are the same as for the reactor with single first
order reaction.

Typical Temperature Profile in Reactor with Quench-Corresponds to
Point 3 of Curve 3 in Figure 8.

Bed Temperature In (°F) Temperature Out (°F) Length (ft)
1 760 783 9
2 766 785 10
3 772.5 . 789 12
4 779 791.5 16
5 785 792 18




TABLE 4

PARAMETERS FOR UNITS IN HEAT FEEDBACK LOOP

Heat Exchanger Parameters

The following parameters were used in the unbypassed exchanger.

BTU

Tp = 365°F Uo = 87.81 Ty = 0.728 sec
ft*~hr-°F
To' = 543°F L = 121 ft a; = 0,7876
= 44 MMBTU = =
Q = 44 - w, =20 ft/sec a, 0.2124
TR = 645°F Tube Diameter = 1 in. bl = 0.0524
in
_ o = 1 =
TR = 515°F 7 2.25 sec b, 0.9476
out
ID_LN = 4231 £t T, = 2.72 sec
Furnace Parameters
Q = 8.1 2B a, = 100 —25—
“hr ft© °F
tube OD = 6,625 in. a, = 2.47 __%ZQ____
ft° hr °F
tube ID = 6.065 in. wall surface = 1300 ft2
bp = 4.56 heat flux = 20,000 —oo—
ft hr ft
u. = 66.7 it flame temperature = 3432°F
sec
AL =405 £t2 Avg. skin temperature 1s 200°F
above outlet temperature of fluid.
L = 234 ft
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Table Al

Dimensionless Heat Exchanger Parameters

a Dohos b = nDohoL
1 Dh + D.h, 2
o o itig ﬂRSCR+nDOhOL
bihi
a_ = S _ nD.h,
2 7 h_ 4 h, : Ty g
© % s pA.C
i
cay = —O'aDihi(Tws-Tos) . = prWGEJ
= <
D h +D.h, 2 mibh, +D;hy
o o iis s
s
g c
bl = Rs R T3 = PﬁVCR
g_ C_+nD h L :
RS R o o ﬂRcR + nDOhOL

a2(l+73s)
(l+Tzs)(l+T3s)-alb2

aH(S) =1+ms -

b_(s) = 2,0y
H (l+'rzs)(l+'r3s)--alb2
_a_(l+7s) -
cls) = 237773 0.8(T -T_)

(l+725)(l+'[3s)-alb2 s
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Table A2

Dimensionless Furnace Parameters

X:T 3.4 o 3.4 4 4
Awewflo (100) - (W) + Awewfz0 (Tg -Tw )+ Awmc(Tg-Tw)

100
_ T 3.4 T 3.4 4 4
= Atctflo‘ E( q) -(Ct) l + Atetfzo' (Tg -Tt ) + Atc:c (Tg Tt)

100 100

4 T 3.4 Tt 4

3.4
4 W 4
Aeet? Ty ~Te ) - Atewfloi;(lOO) ST ] - Bpey o (T, =Ty )

Il

_ .75 1.25
) = 0~56(wL) w('rw T

=9 P Q0ss M\:\)

gascpg (Tg—Tref

ar 3¢ g-e £.@-3.ar 2*% 51T
A A
(100)°°
ar.> (e, o - ¢ £,0) - 3.0 2% &S0
tS wt w 2 A ts ———3—4-(100) .
3.4T 2.4
4T cfo+ﬁc+ Ig e. £f.0 :
s t 2 3.4 t 1l
(L00) ™"
3.4
3.4Tt e f.o
K4 = 4Tts etfzo' + e« -+ S "
(Loo) "
3.4ewflo 2.4 3.4ewfloT 274 3
: 3.2 T + 4ewf20T +Ohe ; K= +4ewf20Tw *d\c
(100) g Is (_too) s



Table A2 (cont.)

MOC o M C
YT A, T, = Gl
b ¥ ¢gscpg + KA - + KA
o
-— . - — -
= fzfes_____ V= (=al") Cpg(Tg Treg) ™2 °s[A (T_ -T )+
Ty = .+ )a o = S 4$—wg w
2 4"t 8
At(Tg T, )]
S S
g C + KA +KA
.94 pg 5w 3t
= Kl w o= K6Aw
+ + A
KK, ﬁgscpg KA+ KB

- K '

4 C + A + A
ﬁgs ps KS w K3 t
[]
Tz = 0‘os T4 = chpw
T+
T12 K,+K, Kby + KB + Ky
c =% ('I‘g -Ty )Ses n = K5Aw
+
gt s 6 ggs _ K6Aw KlAt+K7
K. +K
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Table A2 (cont.)

£t s %s M K A +K.A +K
K 4K w 1t 7
2 4
A (T -T )3 %
w w - S
CW = s s 4 'g—‘
g as
+
KA K A K,
oL '
2 [ (1+T,s) (14T ,s) = wn]
A(s) = L sT.+1l - T 3 4
S T, 1 12
T.s+14T :
(F25"T ) (1+1gs) (141 ,5) -wn1- Pg- Y8 (14T 5) -
T A
12

¥ uw- fu (1+T,w)

b(s)=%-— {{),}Idmga- (1+T4s)+chwg+cgt(1+T3s) (l+T4s)—Cgtwn+ —Pcwg(le)s) }

1 (T2s+1+?_2__)[ (l+T33) (l+’1‘4s) -‘P;J_B- 53 (l+T4s)—a’uw-ﬁ1(l+T3s)

T ~wm

12

,J‘ ©Cppl (14T 8) (14T 5) -wn]

1
C(s)=
Tl{ﬂTzs+l+T_2_> [ (l+'1‘35) (l+T4s) ‘FnB" qu—xﬁp(l+T4s)+’?u(l+T3s)j

T12 -wn
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AMPLITUDE RATIO

1.0

[ T T T TTTT1 T T T T T
= /-
o
— i 540
IR
— REACTOR FREQUENCY RESPONSE FOR VARIOUS - 515
— OPERATING POINTS ON HEAT PRODUCTION CURVE
—  Reactor Inlet Temp T, (°F) Conversion %  Steady State Gain G (O)
| 515 1.6 1.09
| 540 ‘ 5.5 1.29
565 22.1 2.34
582 {near inflection pt) . 58.5 ‘ 6.41
— 590 94.1 4.95
615 ~100.0 1.00
Note: Haskmarks indicate crossover frequencies .
N I A L1 11t 1
10! 1 10

FREQUENCY (hr'1)
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582

565

CY RESPONSE FOR VARIOUS
)N HEAT PRODUCTION CURV

Conversion %

1.6 1.09

5.5 1.29
22.1 2.34

. 58.5 ' 6.41
94.1 4.95
-~100.0 1.00

frequencies

E

Steady State Gain G (O)

111
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L

L 111

|
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AMPLITUDE RATIO
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1.0

0.1

0.01
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- ) Description —

— 0 ! t

= pen loop reactor MMBTU

Open loop heat exchanger (44, 36, 24 T)
B MMBTU N
- Open loop furnance (8, 16, 24 ) ]
MMBTU
— Closed loop furnace (8 R PI1D control) —
of fuel rate)
N MMBTU
| Heat exchanger with Pl bypass control {44 H—RL
Coniplete open loop process without control
)

- — =
[
€

FREQUENCY RESPONSES a
OF PROCESS UNITS £ 3
NOTE: ke = 6.7 hr'’ i
- Thermocouple time const = 30 sec.
Valve time constant = 30 sec.
for all control loops —
o
~J
| A lllllll' ] | | . | ] AN | ] ININGE T
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3
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AMPLITUDE RATIO

10

0.1

0.01

| | I 1 1 T 11Tl | RN
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Case B with quench, pt 1

corresponds to conversion of pt 1

on curve B
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COMPARISON OF NORMALIZED STEP RESPONSE FOR REACTORS
HAVING REACTION OCCURRING IN FLUID PHASE AND IN

CATALYST PHASE
T, = B582F
W= 10BTY

Step input=1°F

hr °F ft2

6 ean3 1y

Gp (s)

Description

-1.14 e-.27858
(1+.1318)17

Reaction occurs in fluid phase
(Foss & Crider Model)

Reaction occurs in catalyst phase
and model includes mass transfer
effects (Liu and Amundson Model)

“Best” empirical fit to ”B’’ using
series of stirred tanks. Transfer
function is

(1+.1678)8

7.35 e-3.064S
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LINEARIZED FREQUENCY RESPONSES
OF HYDROCRACKER
10 ——o \ \
: Curve Description \ .
— A Correpsonds to pt 1 on Curve A of Figure 8 \ -
B B Corresponds to pt 1 on Curve B of Figure 8 \ 7
B c Corresponds to pt 2 on Curve B of Figure 8 ]
B D Corresponds to pt 3 on Curve B of Figure 8 ]
- E Case B with Quench -
F Case C with Quench
Figure 13
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B NONLINEAR FREQUENCY RESPONSES ]
OF HYDROCRACKER
Curve Description
—— A Corresponds to pt 2 on Curve B of Figure 8; \
B Amplitude of sine wave = 20F; Avg. Response \ ]
— B Case A with quench \ —
— c Corresponds to pt 1 on Curve B of Figure 8; —
- Amplitude of sine wave = 10F; Avg. Response —
B D Case C with quench _
E Case A with maximum response
= F Case B with maximum response —
G Case C with maximum response
| H Case D with maximum response _
Figure 14
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[ — A SINGLE INTERSTAGE MIXING TANK —
B Curve Description 1
- A Quench without control —]
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Curve Description

A 2-12" Stages, T = 620F; Conversion = 56.7%
Quench without control; 20° F drop between stages

B Controlled mixing tank between stages
(15 sec. time constant)
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